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Summary
“Dry scrubbing” is the term used to denote the removal of a gaseous component from 
an effluent stream by reaction with a dry sorbent material in particulate form.
In one particular industrial application of dry scrubbing, a dry sorbent is 
injected into the process gas upstream of a particulate collection system, which may 
typically be a filter or an electrostatic precipitator. (Here we consider only a rigid 
ceramic filter, for reasons which are discussed later.) In this case, reaction occurs both 
in the entrained flow downstream of the injection point and also on the ceramic filter. 
The residence time of the sorbent on the filter is typically many times what it is in the 
entrained flow section, so that it would seem promising to utilise the fixed bed of 
sorbent built-up on the filter surface in order to perform the desired reaction. This 
study has shown that this approach can lower sorbent usage, by comparison with that 
necessary for reaction in entrained flow, thus reducing capital and operating costs.
In order to design effective dry scrubbing plants based on the ideas set out 
above it is necessary to understand the physical and chemical processes taking place on 
the surface of the filter medium during the build-up and subsequent removal of the 
deposited filter cake. For this reason experimental studies have been carried out on the 
physical aspects of cake formation using a single-candle apparatus and on the chemical 
aspects using a single-cycle hot coupon rig apparatus.
Results from the single-candle filtration apparatus have indicated the conditions 
at which ceramic filters should operate for stable filtration and cleaning behaviour at 
ambient conditions; these results provide a basis to work on for high temperature 
filtration and dry scrubbing. Low filtration velocities and high filter cake loadings have 
been shown to be paramount in achieving stable conditioning and filtration behaviour, 
and hence improving the filtration efficiency.
A high temperature single-cycle dry scrubbing rig has been designed to 
investigate the effects of different sorbent injection strategies on the dry scrubbing 
process. The experimental data have been used to validate and improve the 
mathematical model of Duo et al. (1993). These studies can ultimately enable the 
modelling and optimisation of industrial scale dry scrubbing facilities.
NOTATION
b stoichiometric coefficient
c stoichiometric coefficient
d stoichiometric coefficient
f cleaned fraction
ki resistance corresponding to viscous effects, 1/m2
k2 resistance corresponding to inertial effects, 1/m
kg exterior mass transfer coefficient, m/s
ks reaction rate constant per unit area of reaction interface, m/s
k-s reverse reaction rate constant per unit area of reaction interface, m/s
kc Modified Darcy’s constant for filter cake, (Pa s)/m
km Modified Darcy’s constant for filter medium, (Pa s)/m
kc’ Darcy’s constant for filter cake, 1/m2
km’ Darcy’s constant for filter medium, 1/m2
r radius co-ordinate in solid product layer, m
ya net reaction rate of reaction gas A, mol/(m2.s)
rc current radius of unreacted core of a grain, m
rg 'iaV. grain radius, m
rt total radius of a grain, m
rVb reaction rate for a unit volume of packed bed, mol/(m3.s)
Typ reaction rate based on unit volume of sorbent particles, mol/(m3.s)
t time, s
tf duration of cycle, s
uo face velocity of flue gas to filter, m/s
v volume, m3
z length co-ordinate, m
zm filter medium wall thickness, m
Acb reaction interfacial area per unit volume of packed bed, m2/m3
AcP reaction interfacial area per unit volume of sorbent particles, m2/m3
v
C concentration of reactant gas, mol/m3
Ci gas concentration within pores of a particle, mol/m3
C2 gas concentration in product layer, mol/m3
Cc gas concentration at the unreacted core of a grain, mol/m3
Ce equilibrium gas concentration, mol/m3
Cj inlet concentration of reactant gas, mol/m3
Cm time-average concentration at z=0, mol/m3
Cpg concentration of product gas Pg, mol/m3
Cs gas concentration at the exterior surface of a particle, mol/m3
Def effective diffusion coefficient within a sorbent particle, m2/s
Dk Knudsen diffusion coefficient, m2/s
Dm molecular diffusion coefficient, m2/s
Ds coefficient of solid state diffusion through product layer, m2/s
Dz axial dispersion coefficient, m /s
Fi dust fraction in filter cake containing sorbent
H current thickness of the filter cake with moving boundary, m
Ho initial thickness of the filter cake due to batch injection, m
Km resistance constant of filter medium, (N s)/m3
Ma molar weight of reactant A, kg/mol
Ms molar weight of sorbent, kg/mol
P pressure, Pa
P(Tj,j.i) probability to which the entire filter surface is occupied by the cake patches of 
age
Q volumetric gas flow in filter, m3/s
Qc increasing rate of cake thickness, m/s
R radius co-ordinate in a porous particle, m
Roas gas constant, J/(mol.K) .
Rp particle radius of sorbent, m
S total flux of sorbent injected in a full cycle, kg/m2
Si mass fraction of sorbent initially injected
Sg specific surface of particles, m2/kg
vi
T temperature, K
U superficial filtration velocity, m/s
Vmb molar volume of solid sorbent, m3/mol
Vmp molar volume of solid product, m3/mol
Vp volume of particle, m3
Wd mass concentration of dust particles, kg/(m3 gas)
Ws mass concentration of sorbent particles, kg/(m3 gas)
X local conversion of sorbent
Xp mean conversion of sorbent particles
Xpm mean conversion of sorbent in filter cake
Zi thickness of sorbent-containing cake, m
Zjj.i thickness of the patches of age Tjj.j during the Jth cycle, m
p stoichiometric ratio of sorbent to reactant gas
8j thickness of residual dust layer in Jth cleaned areas in the Jth cycle, m
e interparticle voidage of filter cake
£p initial porosity of sorbent particle
£s porosity of the solid product
£x porosity of reacting particles
p, gas viscosity, Pa s
p filtration gas density, kg/m3
ps true density of sorbent, kg/m3
pps particle density of sorbent, kg/m3
ppd particle density of dust, kg/m3
Tt tortuosity
APc pressure drop across filter cake, N/m2
APm pressure drop across filter medium, N/m2
APt total pressure across filter and medium, N/m2
APt trigger pressure drop at which cleaning occurs, N/m2
APj pressure drop during the Jth filtration cycle, N/m2
APj(O) pressure drop at the beginning of the Jth filtration cycle, N/m2
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1. Introduction
Since the introduction of ceramics as filtration media, interest has increased into the 
application of ceramic filters as dual-process cleaning systems for simultaneous 
removal of acid gas and particulates.
1.1 Historical Background
The stimulus for the development of filtration media that can operate at high 
temperatures originated from the electrical power generation industry with the 
emergence of new power generation cycles, e.g. the integrated gasification combined 
cycle (IGCC), which are more efficient and have less environmental impact than the 
traditional ones. These new cycles demanded higher operational temperatures and 
lower particulate limits to maximise the efficiencies of the new generation of gas 
turbines. Thermodynamic calculations have shown that the application of a dry gas 
cleaning process at a high temperature, e.g. above 900 K, will improve the efficiency of 
such power plants by 2 to 3 % compared to an installation with conventional wet gas 
cleaning systems (NOVEM).
In the 1980’s, incineration was reconsidered for the disposal of domestic and industrial 
wastes in the UK. Landfilling had been the preferred method of disposal prior to this, 
but due to a shortage of suitable sites for landfilling and increasing transport costs, in 
addition to the changing composition of the refuse and improved possibilities for 
co-generation, the method of disposal had to be reassessed. More recently the chemical 
and process industries have been driven towards hot gas cleaning by the requirements 
of new environmental legislations with more stringent emissions limits for particulates, 
acid gases, heavy metal compounds and organic chlorides such as dioxins. In 1990 the 
Environmental Protection Act (EPA) was passed and this now regulates all waste 
combustion processes within the UK. The European Commission has also proposed 
more stringent controls than those embodied in the EPA to limit the emissions from all
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“hazardous” waste incinerators. Dual-purpose dry scrubbing is a logical choice to 
remove the acidic and particulate components from the hot flue gases originating from 
these sources (Parker and Russell-Jones, 1988; Bradshaw et al., 1989).
1.2 Scrubbing Technologies
Presently there is a broad choice of scrubbers available in industry for the simultaneous 
abatement of noxious gases and particulate matter (C.K. Cheung, 1995). They range 
from wet scrubbers (i.e. packed columns, spray towers, venturi scrubbers, etc.), to dry 
scrubbers (i.e. granular moving-bed filters, fluidised-bed filters, injection of dry 
sorbents, etc.), and semi-dry scrubbers (essentially dry scrubbing with humidification to 
enhance certain gas-solid reactions). Wet scrubbers can be cost and energy intensive, 
and they may also need a liquid effluent treatment plant to process the scrubber liquors. 
Dry scrubbing by injection of a dry sorbent is chosen as the technique for this gas 
cleaning study. This is because it is a viable method of upgrading existing emissions 
abatement equipment to fulfil the requirements stipulated in the 1990 EPA, and it is 
also usually cheaper to retro-fit existing equipment than to commission a brand new 
system. Typically this method involves injecting a suitable dry solid sorbent (for 
example sodium bicarbonate or calcium hydroxide to scrub hydrogen chloride) into a 
gas-solid reactor where the flue gas and the sorbent are mixed intimately and after a 
certain residence time the sorbent reacts sufficiently with the acid gas to reduce its 
concentration to below the compliance limit. The resultant dust and sorbent laden gas 
stream is then stripped of its particulate components. This is normally achieved with a 
two stage system where a cyclone removes the bulk of the larger particulates to reduce 
the loading to the final polishing stage consisting of: an electrostatic precipitator (ESP), 
bag filter or ceramic filter where the gas is stripped of the finer particles to acceptable 
levels before it is exhausted into the atmosphere. There are several advantages in using 
ceramic filters in dry sorbent injection scrubbing:
© they can operate at temperatures beyond the normal range for ESPs and bag filters - 
hence the flue gas does not need cooling by dilution with ambient air before
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filtration. C. K. Cheung (1993) has shown that this reduces the volume of the 
filtration gas stream and as a consequence the capital and operational costs can be 
reduced;
® they can tolerate chemically aggressive atmospheres;
• the sorbent in the filter cake can continue to react with the acid gases, this means 
that it is possible to utilise the actual filter cake as a reaction zone and so the gas- 
solid reactor can be reduced in size or even eliminated from the process;
• their intrinsic rigidity also means that resultant filter cakes are less prone to 
cracking; Gang and Loffler (1989) have shown that acid gases react with sorbent 
particles within the filter cake and any deviation from a homogeneous cake texture, 
e.g. through pin-holes or cracks, will reduce the efficiency of acid reduction.
1.3 Ceramic Filtration Media
Due to the inherent advantages of using 
rigid ceramic filtration media in dry sorbent 
injection, this study concentrates on their 
use as the means of particulate removal.
Ceramic filtration media can be classified 
into two categories (Seville et al., 1989a):
• the high density or granular media are 
usually formed from granules of silicon 
carbide, though alumina or alumino- 
silicates are sometimes used. The 
granules are bonded with siliceous 
material and it is the nature of the bond 
which determines the ultimate 
conditions which can be withstood. The 
porosity of these media is generally in 
the range 0.3 to 0.5.
Filtered gas
C
A
Dust laden gas 
/
/
/
*
□
\
Ceramic
candle
filter
Dust laden gas
Figure 1-i: A ceramic candle filter.
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• the low density or fibrous media are usually formed from alumina or alumino- 
silicate fibres, with a siliceous bond. The porosity of these media is in the range 0.8 
to 0.9. Their mechanical strength is substantially lower than for the granular media 
but so is their relative cost.
Both types of filtration media are conventionally fashioned into long cylindrical 
‘candles’ with a closed hemi-spherical and an open end. Figure 1-i shows how dust 
laden gas flows inwards during filtration, to leave a dust filter cake on the external 
surface of the candle, and through the open end towards a plenum separated from the 
dirty process gas. The candles can be situated in a vertical geometry as shown or they 
can be positioned horizontally within the filter housing.
Dust laden
■ r
Xr
-ad
Porous wall
Filtered gas 
\
Ceramic plugs
Figure 1-ii: Sectioned view of a monolithic cross flow ceramic filter.
Another possible configuration for the high density media is in the shape of a 
monolithic block with cross-flow channels (Figure 1-ii). The dirty gas stream flows into 
a channel where the dust is filtered and collected on the surface; it then crosses the 
porous walls into adjacent channels where it flows out. Abrams and Goldsmith (1993) 
successfully tested such a filter on a wide range of applications: removal of fly ash from 
flue gas, diesel exhaust soot filtration, and filtration of hot gases produced in 
pressurised fluidised bed combustors and gasifiers. They applied a ceramic membrane 
to their monolith to enhance surface filtration; this is a typical method of improving the 
filtration characteristics of high density granular media as it effectively prevents 
penetration of particles into the coarse media without incurring a high pressure drop
4
across the filter (Seville et al., 1989a). A similar effect can be obtained for both types 
of medium by spraying or painting on a surface coat of suitable material during 
manufacture, or by pre-coating the filter with a carefully selected dust.
1.3.1 Operation of Ceramic Filters
An important aspect of filtration and consequently dry sorbent injection gas scrubbing 
is the “conditioning” and cleaning behaviour of ceramic candle filters. They are usually 
conditioned with a residual dust layer before they can operate efficiently. Ceramic 
candles are surface filters and during filtration they act as barriers to the solid 
particulates, so that a filter cake is built up on the upstream surface. The pressure drop 
across the candles increases with the thickness of the filter cake during filtration. To 
operate at an acceptable pressure drop, the candles are regenerated periodically either 
with time or pressure drop as the limiting criterion. Regeneration of rigid ceramic 
filtration media is usually achieved by a pulse of compressed air in the reverse direction 
of flow to dislodge the filter cake from the candles. This pulse provides the necessary 
stress to overcome either the adhesion of the filter cake to the candles or the cohesion 
of the dust to itself (Koch et al., 1993).
1.4 The Need to Remove Hydrogen Chloride
Small-scale incinerators, such as those employed for the destruction of clinical waste, 
refuse-derived fuels and sewage sludge (Dyke, 1994), need to comply with the 
obligations of integrated pollution control because they generate flue gases consisting 
of undesirable gaseous compounds (of which the main components of interest are 
hydrogen chloride, sulphur dioxide and chlorinated organics) as well as particulate 
matter (Scott, 1994). This study concentrates on the simultaneous removal of hydrogen 
chloride and particulate matter at high temperatures because although industry has 
already adopted this technique for hot gas cleaning (Heap, 1993; Startin et al., 1993), 
there remains a lack of fundamental data on the use of the filter cake as part of the
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reaction zone and the optimal injection method of introducing the dry sorbent into the 
system. An unexpected benefit of dry sorbent injection and hot filtration of the 
resultant particles may be the reduction in the reformation of chlorinated organics such 
as dioxins because they are thought to be catalysed by elements of the particulates from 
the flue gases as they are cooled (Dickson and Karasek, 1987). Sulphur dioxide is 
ignored in this investigation as it has already been extensively researched in the field of 
“Flue Gas Desulphurisation”. The reactions between sulphur dioxide and hydrogen 
sulphide with dry sorbents were investigated and various models have been proposed 
to simulate the gas-solid reactions (Hartman and Coughlin, 1974, 1976; Borgwardt and 
Bruce, 1986; Marsh and Ulrichson, 1985; Snow et al., 1988; Krishnan and Sotirchos, 
1994a, 1994b).
1.5 A Mathematical Model for Dry Sorbent Injection Scrubbing
Using the experience gained from the vast amount of research on sulphur dioxide, Duo 
et al. (1993) developed a mathematical model based on the “Grain Model” to simulate 
the dry scrubbing process occurring in a filter cake containing sorbents for removal of 
acid gases. It can be used to consider fixed boundary problems, where sorbent 
containing filter cake is formed instantaneously and then exposed to the gas, or moving 
boundary problems where the filter cake builds up continuously from particles of both 
process dust and sorbent entrained in the gas. It has only two fitted parameters; the 
gas-solid reaction rate constant (ks) and the coefficient of diffusion through the product 
layer (Ds). The latter is a generic term for the diffusion of either reactant gas through 
the layer of solid product to the reactant particle surface (Pigford and Sliger, 1973) or 
ionic diffusion through the product layer (Hsia et al., 1993). In this dissertation, the 
fitted parameters are compared to those reported in literature and the results from this 
model are compared with those from the hot coupon apparatus to ascertain its validity 
and accuracy.
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1.6 Experimental Work
The effects of elevated temperature on the fluid mechanics of filter operation are easily 
predictable, through the influence of temperature on gas density and viscosity. The 
effects of temperature increase on particle mechanics are a lot more difficult to predict, 
but can be generally simulated by working at ambient temperature with a cohesive dust. 
Here, the decision was taken to obtain basic filtration data at ambient temperature for a 
full-sized low density candle filter, while operating a small hot “coupon” filter 
apparatus to scrub simulated incinerator flue gas.
The actual work undertaken for this project is divided into two parts: ceramic candle 
filtration and dry scrubbing studies.
1.6.1 Ceramic Candle Filtration
As mentioned previously, basic filtration data was obtained at ambient temperature for 
a full-sized low density Cerafil S-1000 fibrous ceramic candle filter. The single candle 
filtration apparatus used for this was designed and built by the author at the University 
of Surrey. Its main features are:
• it has a control system which uses a variable speed motor to regulate the speed of 
the induction fan to allow a constant filtration rate as the pressure drop across the 
filter increases with the build up of filter cake,
® it has a cost effective dust feed system which can feed constant dust rates to the 
filter using pressurised air as the carrier,
• the cleaning of the filter is accomplished by a reverse pulse jet of air, the 
characteristics of which are measured along the internals of the candle with fast 
response pressure transducers and a high speed oscilloscope,
© and finally a perspex window allows visual inspection of the filtration and cleaning 
processes.
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The apparatus was used to obtain conditioning behaviour under different filtration rates 
and different loadings of calcium carbonate. The cleaning efficiency of the pulse jet was 
also investigated. A detailed description of the apparatus is given in Chapter 3.
Subsequent filtration studies have been performed by other researchers with this 
apparatus elsewhere, but their results are not included in this report.
1.6.2 Dry Scrubbing
The hot coupon apparatus was designed and built by the author at the University of 
Surrey and is described in detail in Chapter 6. A coupon describes a flat piece of filter 
medium fashioned into a circular disc; the filter coupons used here were made from the 
same Cerafil S-1000 material as the aforementioned candle filter. The main features 
associated with the apparatus are:
• the hot coupon housing or “the reactor” is constructed from quartz glass because 
this material can withstand temperatures over 1273 K and it is resistant to hydrogen 
chloride. Stainless steel fittings and “Teflon” lines are also used to minimise the losS 
of hydrogen chloride through corrosion,
® the reactor is located within a tubular split furnace which can operate at 
temperatures up to 1273 K,
® Wright dust feeders (Wright, 1950) are used to supply a constant rate of sorbent 
and dust during the experiments,
® an on-line pH measurement system is used to monitor the scrubbing efficiency,
® and a differential pressure transducer measures the pressure drop profile of the filter 
cakes.
Two commonly available sorbents were used to investigate the removal of hydrogen 
chloride. The influence of temperature on the reaction between calcium hydroxide and 
hydrogen chloride was studied. Calcium carbonate was used to test the effect of 
different sorbent feeding strategies (e.g. batch, semi-batch and continuous sorbent
injection) on scrubbing efficiency. By introducing dust particles (inert alumina silicate) 
into the system as in a real application, the effect of the structural difference in the 
resultant filter cakes on scrubbing efficiency was investigated. On the micro-scale, the 
sorbents were analysed using scanning electron microscopy and energy-dispersive 
X-ray techniques. Finally the model formulated by Duo et al. (1993) was used to 
simulate the experimental results.
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2. Filtration Studies
As mentioned in Section 1.2, there are several types of dust collection equipment which 
can be used in conjunction with dry sorbent injection scrubbing. They are described briefly 
in the next section.
2.1 Cyclones
Cyclones are mainly used as pre-collectors. The most 
popular type of cyclone is shown in Figure 2-i. The 
dust laden gas enters the body tangentially and spirals 
downwards in a vortex motion. At the base of the unit 
the direction of axial flow reverses and the cleaned gas 
leaves the unit axially by spinning upwards in a tight, 
fast, central vortex. Particles which have moved to the 
wall, are forced down to the collection hopper by the 
vortex motion where they are removed. The inlet gas 
velocity determines the cyclone performance; the 
smaller the vortex and the higher the velocity, the 
smaller the particles which can be collected. Typical 
grade efficiency curves, which show the efficiency 
with which particles of varying size are collected, are 
illustrated in Figure 2-ii. The advantages and 
disadvantages of using cyclones are listed below.
Clean gas out
Dusty 
gas in
Dust out
Figure 2-i: The reverse-flow 
cyclone.(Muir,1992)
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Advantages of cyclones:
• low capital and running
A multicell cyclone 
B high efficiency cyclone 
C high throughput cyclone
100
costs,
moderate pressure drop,
• mimimum space requirement g I
for a given gas throughput,
• capable of operation with
high dust loadings,
• can be used with a wide
20
o 10 20 30 40
PARTICLE SIZE, MICRONS
50
range of gases and dusts, 
• no moving parts,
Figure 2-ii: Typical grade efficiency curves for different designs of 
cyclone, (Muir, 1992).
• units need no housing,
• can be operated at high temperatures and pressures,
• easy to keep hygienic,
• and they can be manufactured from a wide range of materials.
Disadvantages of cyclones:
• low collection efficiency on small particles,
® light materials or needle shaped materials are difficult to remove,
• plugging can result where dewpoints are encountered,
• explosion relief for flammable materials is difficult
• and they have potential problems with abrasive dust.
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2.2 Electrostatic Precipitator
The electrostatic precipitator (ESP) is capable of operating over a wide range of 
conditions of temperature, pressure and dust loads. It is not particularly sensitive to 
particle size, and can collect dust both in wet and dry conditions. Corrosion and abrasion 
can be accounted for in the design. The pressure drop across the ESP is very low and the 
consequent savings in operating cost (fan power) may counteract its relatively high capital 
costs. This balance between operating and capital costs is more critical in larger 
installations and therefore precipitators are generally not considered for applications with 
gas flowrates below about 10 m3 s'1, although small units are used in conjunction with 
ventilation systems (Muir, 1992).
Earthed collector Discharge electrode
electrode at at negative polarity
positive polarity - 0  Electrical field Charged particle
Uncharged
particles High tension supply 
from rectifier
Panicles attracted to collector 
electrode and forming dust layer
Figure 2-iii: Principal of electrostatic precipitator operation.
The removal of particulates from a gas stream by an ESP depends on the fact that charged 
particles in an electrostatic field will migrate towards regions of opposite polarity. The 
practical realisation of this basic law of physics is achieved by directing the gas through a
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number of earthed channels in which high voltage discharge electrodes are centrally 
positioned at regular intervals. Figure 2-iii illustrates the process. Uncharged particles 
entering the channels receive a charge (usually negative) from the electrodes or ionised gas 
and then move towards the walls of the channel which are earthed. For effective dust 
removal, the voltage between the discharge electrode and the collector plates must be 
sufficient to achieve a stable corona discharge (the condition when the molecules of the 
gas are themselves ionised and cause a steady current flow) but insufficient to cause 
sparking. The required treatment time in an ESP, and consequently its size, 
depends on the required degree of cleansing of the gas and the physical properties of the 
dust. Particles of the dust attracted to the earthed collector plates form an agglomerated 
layer on the surface which must be periodically removed. The two principal methods are 
dry rapping, striking the surface of the collectors with a hammer device, or continuous 
flushing with a liquid (normally water) which usually results in a slurry effluent.
2.3 Fabric Filters
Fabric filters are a widely used form of high-efficiency collector for both dust and fumes. 
They have the ability to handle wide variations in gas flowrate, dust concentration and 
particle size. This is particularly beneficial when the last two parameters are not accurately 
known in the design stage. Fabric filters are essentially surface filters, that is the dust is 
collected on the filtration side of the filter. Penetration of dust into the filter does occur. 
However, this is a desirable part of the “conditioning “ process and it is described in detail 
in the Section 2.4.1. During filtration, a dust cake builds up and the resistance to flow 
increases. Periodic cleaning of the filter medium is therefore necessary to control the gas 
pressure drop over the filter. The most common cleaning methods include reverse air flow, 
mechanical shaking, vibration and compressed air pulsing. Often combinations of these 
methods are employed. The filter media are usually in the form of tubular bags, but other 
arrangements such as flat pockets are also widely used. Bags are typically 0.1 to 3 m wide 
and 2 to 10 m long (Muir, 1992). Flow can be in either direction so that, according to the
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filter design, the dust cake may build up on either the inside or the outside of the bag. With 
inward gas, the bags are prevented from collapsing by a wire or plastic internal cage. The 
choice of fabric depends on the filtration application. Table 2-A lists some examples. 
Although 500 K is the usual temperature limit for fabric filters, recent developments have 
improved this to over 1000 K by using ceramic woven fabrics (Gennrich, 1993).
Fabric Maximum
recommended
operating
temperature
Acid
resistance
Alkali
resistance
Abrasion
resistance
Typical
applications
Cotton 355 K Poor Very good Very good Ambient temp: non-acid or 
unusually abrasive dust
Wool 366 K Good Poor Good Smelters
Nylon 366 K Fair Excellent Excellent Low temp: highly alkali or 
highly abrasive dust
Polypropylene 366 K Excellent Excellent Excellent Low temp chemical 
applications
Acrylic 400 K Good for
mineral
acids
Good for
weak
alkalis
Good Steel furnaces, 
chemical smelters
Poltester 422 K Fair Good Good Steel furnaces, 
chemical applications
PTFE 533 K
emits toxic gas 
at 505 K
Inert except 
for fluorine
Inert for
most
alkalis
Fair Chemicals
Aramid 477 K Fair Good Good Chemical, non-ferrous 
chemicals
Glass fibre 533 K Fair/good Fair/good Fair/good Carbon black, cement, steel 
furnace, non-ferrous chemicals
Table 2-A: Typical filter fabrics, adapted from Muir (1992).
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2.4 Ceramic Filters
As discussed in Section 1.3, ceramic filters are a 
relatively new development which can operate 
at temperatures above 1000 K and are resistant 
to chemical attack. They are operated in the 
same way as fabric bag filters. However, they 
are only cleaned by the reverse pulse method 
because they are made from rigid media which 
can be damaged by shaking or rapping. Like 
fabric bag filters they are placed in a filter 
housing. Figure 2-iv shows such an
arrangement. The candle filters are hung 
vertically (it is also possible to arrange them in a hopper \
horizontal configuration). Dust laden gas comes
Figure 2-iv: Typical candle filter housing.
into the housing and passes through the filters
where the dust particles are collected; the gas then exits through the plenum chamber. Cleaning 
is achieved by pulses of compressed air opposed to the flow of gas. This dislodges the filter 
cakes which then fall by gravity towards the collection hopper.
2.4.1 Operation of Candle Filters
An important aspect of high temperature filtration and consequently dry gas scrubbing is 
the "conditioning" and cleaning behaviour of ceramic candle filters.
|  Clean gas out
tygas
Plenum Reverse 
pulse lineES
Candle
filters
Filter
housing
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Ceramic candles are essentially ‘surface’ as opposed to ‘depth’ filters and during filtration 
they act as barriers to the solid particulates, so that a filter cake is built up on the upstream 
surface. The pressure drop across the candles increases with the thickness of the filter cake 
during filtration. To operate at an acceptable pressure drop, the candles are regenerated 
periodically either with time or pressure drop as the limiting criterion. As for fabric filters 
regeneration of rigid ceramic filtration media is usually achieved by a pulse of compressed 
air in the reverse direction of flow to dislodge the filter cake from the candles. This pulse 
provides the necessary stress to overcome either the adhesion of the filter cake to the 
candles or the cohesion of the dust to itself.
Q*
2
Q
£
g 
i
Number of Filtration Cycles
Figure 2-v: Pressure Drop Profile of Ceramic Candles during Filtration.
A filtration cycle is taken as the period over which a specified pressure drop across the 
candles is reached and cleaning is effected. Conditioning refers to the period during which 
the operation of the filter comes to a steady-state or equilibrium state. This may be 
accompanied by the deposition of a thin layer of either actual process dust or a special 
conditioning dust on the surface of the candles. Figure 2-v shows a typical pressure drop
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profile of a candle filter during conditioning. A virgin candle has an inherent pressure drop; 
this is shown at point A. Filtration is initiated and this residual pressure drop increases with 
the number of filtration cycles until point B where it stabilises and becomes constant at C. 
The candle is taken to be conditioned when this residual pressure drop reaches such a 
constant level. An undesirable conditioning profile occurs when the residual pressure drop 
does not stabilise, i.e. it keeps on rising. This means that the dust is penetrating into the 
candle or the cleaning system is inefficient and eventually the residual pressure drop will be 
greater than the allowable operational pressure drop and this will cause the filtration 
system to fail.
2.5 Filter Cake Removal
In a conventional bag filter it is usually
assumed that the required tensile
cleaning stress, the force needed to
overcome the adhesion between the filter
cake to the medium or the cohesion of
the cake, is set up primarily by the
movement caused by the cleaning pulse,
or in mechanically cleaned systems by
the action of “shakers”. Pulse cleaning
displaces the fabric outwards until it is
taut; it then decelerates sharply and
induces a tensile stress on the filter cake.
The rigid ceramic filter media show no
Figure 2-vi: Pressure gradient across the medium and
displacement on cleaning. . , . .r °  cake during cleaning.
Seville et al. (1989a) have shown that the tensile stress is due to the pressure drop imposed 
across the filter cake (Figure 2-vi). They considered the pressure drop across a “dirty”
gas flow
filter
medium
filter cake
position
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candle APT, to be the sum of the contributions from the filter cake, APC, and the filter 
medium, APm.
APt = APC + APm
These terms are considered in detail below.
2.5.1 Pressure Drop Through The Filter Medium
It is possible to describe the pressure drop across a virgin filter medium with the following 
general result known as the Ergun Equation (Kay and Nedderman, 1985):
= k,|xU + k 2pU2
dz 2.2
where (-dp/dz) is the pressure gradient in the direction of flow, ki and k2 are the medium 
resistances corresponding to viscous and inertial effects respectively, and U is the 
superficial velocity, i.e. the actual volumetric flow rate per unit area. The Reynolds number 
for flow through the medium (Re = plldp/jx, where is the p gas density, l| is the gas velocity 
through the medium, dp is particle diameter and |l is the gas viscosity), at typical filtration 
conditions, is generally much less than unity. The density-dependent term can then be 
omitted to give:
—  = k,|iU
dz 2.3
This form of resistance equation, in which the pressure is simply proportional to the flow 
rate, is known as Darcy’s law. The gas viscosity is effectively constant and the cake and
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medium thicknesses can be incorporated into modified resistances, kc and km, so that the 
terms in Equation (2.1) become:
APC = k cU 
and
APm = k mUm m
Combining Equations (2.1), (2.4) and (2.5):
2.4
2.5
apc = apt
v k ' + k m /\  c m y 2.6
It can be seen from the above analysis that when comparing the cleaning behaviour of 
different dust and medium combinations it is APC, the pressure drop across the filter cake 
alone, which is of prime significance and not APT, the total pressure drop. It is sometimes 
asserted that thick filter cakes are easier to clean than thin ones*The above analysis shows 
why this may appear so. If the total pressure drop required for detachment across a thick 
cake and a thin one are equivalent then the thicker cake would need a lower pressure 
gradient for removal; from Darcy’s Law this means that less cleaning gas is needed and as 
a consequence the pressure drop across the filter medium would also be lower. This 
approach was developed for steady reverse-flow cleaning (Cheung, 1989), but it also 
applies to pulse cleaning since the maximum stress to which the cake is subjected 
corresponds to the steady flow cleaning value from Equation (2.6). 
orxU^ csp p lio  £>r CeJoe. .
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2.6 Patchy Cleaning
Theoretically, when the strength of the adhesive or cohesive bond is exceeded by the 
applied cleaning stress the cake should detach completely from the filter. However, it is 
seldom realised in reality; this is because neither the adhesive/cohesive cake strength nor 
the applied cleaning stress is entirely uniform across the filter surface so that ‘patchy’ 
cleaning results, i.e. filter cake is completely detached from some areas of the filter and 
remains attached on others (Cheung etal., 1988).
This phenomenon can influence the effectiveness of the sorbent filter cake in dry scrubbing 
and must be considered in any dry scrubbing model. Duo et al. (1997a) have devised a 
probabilistic model to simulate patchy cleaning. Results from this model suggest that 
patchy cleaning in some circumstances can enhance the performance of dry scrubbing; on 
an industrial multi-filter installation, sequential cleaning of alternate groups of filters is in 
effect controlled patchy cleaning on a large scale and hence can improve the performance 
of dry scrubbing.
2.6.1 Patchy Cleaning Model
The cleaned fraction, f, is one of the key parameters in the design and operation of a 
filtration system, especially when combined with dry scrubbing. The mathematical model 
developed by Duo et al. (1993), and used for the simulation of the dry scrubbing process 
occurring within a sorbent filter cake described in Chapter 5, requires a given value of the 
parameter f. Laboratory measurements of f  have been obtained for a coupon filter by 
weighing the remaining dust on the filter after cleaning (Cheung, 1989; Koch et al., 1993); 
although measurements from industrial facilities are available they are very limited 
(Ciliberti and Lippert, 1983, 1985). Thus it is advantageous to be able to determine the 
values of f  by calculation from easily measured quantities.
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For their probabilistic patchy cleaning model, Duo et al. (1997a) first considered a wholly 
clean filter at the start of a filtration cycle as shown in Figure 2-vii. (a) represents the filter 
at the beginning of the cycle, (b) shows the end of the first cycle where dust has built up 
on the filter to form a uniform filter cake, (c) shows the filter cleaned in patches with 
which the second cycle begins, (d) shows the state of the filter just before cleaning at the 
end of the second cycle during which a non-uniform cake has been deposited, and (e) 
shows the patchily clean filter with which the third cycle begins. Mode I cleaning denotes 
thick patches of cake are always cleaned off whilst mode II considers thin patches are 
always removed on cleaning.
\
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\
4
y
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Mode I, thick patches are removed on cleaning. 
Mode II, thin patches are removed on cleaning.
2 - e
Figure 2-vii: Modes of Patchy Cleaning
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As mentioned previously, the Reynolds numbers involved in this type of filtration are 
typically low and hence the pressure drop in both the cake and filter can be described by 
Darcy’s law. Suppose that the mean superficial velocity uo is constant. For the first cycle, u 
may be considered as independent of position and is the same as u0. Integration of 
Equation (2.3) gives,
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AP, = u 0(kmnzm+ k ^ z )
2.7
where z is the current cake thickness. Subscripts c and m denote filter cake and filter 
medium respectively. At 0 = 0, z = 0 and APi = APi(O). At 0 = 0i, z = Zu  and APi = APt. 
0 is defined as the time into the current cycle and 0j_i as the duration of the (J-l)th cycle. 
Where two subscripts are shown, e.g. Zi.i, the first indicates the cycle number and the 
second indicates the patch number; for example, for the second cycle, at 0 = 0 the second 
subscript would be 1 for an uncleaned patch and 2 for a cleaned one. The resistance 
constant of the filter medium, Km, and the resistance coefficient of the filter cake, kc, are 
expressed as;
where Km = k’mjxzm and kc = |i k’c.
For the second cycle (and subsequent cycles thereafter), u is a function of position. By 
applying the same assumption of parallel and rectilinear flow as suggested by Ciliberti and 
Lippert (1983), Cheung (1989) and Seville et al. (1989b), Equations (2.10) and (2.11) are
K m ~ APl(O) / uo 2.8
2.9
obtained. The assumption is justified where the sizes of cake patches are much larger than 
the thicknesses of the cake.
AP2 = u21(Km + kcz2J) = u22(Km + kcz22) 2.10
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f U2>2 + ( l - f ) U 2i = U 0 2 n
Combining Equations (2.10) and (2.11) gives
AP, = —  U
2 f 1- f
+
k-c^ 2,2 Km + kcZ21 2.12
As assumed, at 0 = 0, z2,i = Z u , z2>2 = 0, then
AR*a =  uto) f t _ f
+
-^ m 2.13
U
f -  AP*o>
J - K m( K m + k eZ ^ - K 1
k cZu
Inserting Equations (2.9 ) and (2.8) into Equation (2.fy) gives the following 
APi(O) ( ^ t  ~  ^ 2 ( 0 ) )
2.14
^2(0) (^Pt APi(O))
The above expression permits the evaluation of f  by means of measurable pressure drops.
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2.6.2 Residual Dust Layer
The above model has been modified to account for the presence of a residual dust layer in 
the clean patches of the filter; details of the derivation are found in Duo et al. (1997b).
For a uniform residual dust layer thickness, 8j, APJ(0) is given as
AP = ____  Ho_ _ _ _ _ _ _ _ _
I(0) f  a  P 0t J lH )
+
K m + k c 8 j  i=l  +  2 X 6
where P(Tj, j.i) is the probability that the entire filter surface is occupied by the cake patches 
of age Tj, j.i and Zm , j.i} is the thickness of the patches of age Tj, j.j at the end of the Jth 
cycle; it is determined by using the initial and boundary conditions for each cycle.
The above equations are used to simulate the pressure drops, the cake thickness 
distribution, and the velocity profiles for mode I and mode II . The
thickness of the residual dust layer is calculated using the measured values of APj(oj 
according to Equation (2.16). The cycle durations, 0j, are predicted and some results are 
shown in Chapter 3.
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3. Single Candle Experiments
3.1 Single Candle Test Rig
An ambient temperature single-candle test rig has been designed and built to investigate 
the cleanability of ceramic candles under different conditioning regimes. Low density 
fibrous ceramic candles, with dimensions of 1000 mm length, 60 mm outside diameter, 
40 mm inside diameter and effective filtration areas of 0.19 m2, supplied by Cerel Ltd., 
were tested. Figure 3-i shows a schematic of the equipment.
Compressed Air Dust from Hopper
Dust
Feeder
Controller
Filter Housing
DPT,
Plenum
Pressure
Reservoir
Ceramic Candle Filter )
I______
FAN
Figure 3-i: Single-candle test rig.
3.1.1 Filtration System
The test candle is fixed horizontally in the filter housing and filtration is induced by a high 
speed Secomak 492/2 centrifugal fan. This fan is capable of delivering over 700 m3hrA of
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air with a total pressure of above 12 kPa. A pitot tube connected to a Furness Controls 
FC042 differential pressure transmitter is situated downstream of the fan. This is used to 
measure the filtration velocity. A 4-20 mA signal is taken from it and relayed to an 
Amplicon ADP15 controller. A set point relating to the filtration velocity is fixed on the 
controller. Any variation from this is detected from the pitot tube signal. During filtration 
the pressure drop across the candle increases, hence the air flow rate will decrease with 
time. Once the controller detects this it sends a signal to the Honeywell Varitrol 616G3 
frequency inverter, which will then increase the fan speed and hence a constant filtration 
velocity is maintained over the conditioning period.
3.1.2 Cleaning System
The reverse pulse cleaning system consists of a compressed air reservoir, rated to a 
working pressure of 10 bars, fitted with a fast action ASCO pulse valve leading to a 
25 mm blow tube ending in a 6 mm nozzle. Compressed air is regulated into the reservoir 
via a Norgren B-13 filter/regulator; a pressure relief valve set to relieve at 6 bars to protect 
the candle element is fitted to the reservoir. The pulse valve, the opening time of which can 
be varied from 0.1 to 1 second, can be opened to allow a jet of compressed air travelling at 
sonic velocity at the nozzle into the plenum. The resulting jet entrains secondary air before 
entering the candle.
3.1.3 Dust Feed System
There are many dust feed systems available on the market, but usually they are system 
specific and no single system is suitable for all dust types. The system chosen for the test 
rig has been shown to be suitable for fine relatively free-flowing particulates and is 
designed to provide much higher feed rates than commercially available laboratory 
systems.
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The dust feeding system consists of a Glen Creston vibratory hopper which feeds dust into 
a groove on a rotating horizontal disc. The groove is 2 mm wide and 2 mm deep, and is 
situated at a radius of 50 mm from the centre of the disc. A scraper removes any excess 
dust to leave a known volume of dust in the groove. The rate of rotation of the disc is 
controlled by a variable speed motor and this ultimately dictates the amount of dust fed to 
the filter. The dust is then pneumatically transported into the filter housing via an air 
eductor, fed with compressed air at 1.5 bars regulated by a Norgren B-10 filter/regulator.
3.1.4 Data Analysis
The pressure drop across the candle is detected by a Furness Controls FC014 
micromanometer which has a range of 0 - 20,000 kPa. This and the differential pressure 
from the pitot tube are recorded by a Grant 1200 Squirrel data logger. Using this set-up it 
is possible to condition and clean the candle in different controlled environments.
To assess the extent of cleaning, the conditioned candle is weighed before and after pulse 
cleaning. This is rather crude but it does give approximate information on the effectiveness 
of pulse cleaning. It is not possible to use the micromanometer to determine the pressure 
profile of a cleaning pulse because of the slow response of the equipment. Therefore 
Entran EPXIOiw fast response transducers, with a useful frequency of 10 kHz and a 
detection range of 0 - 70 kPa, are used.
Holes are drilled into a test candle at predetermined points and the transducers are 
attached and sealed with a silicone-based sealant. When a cleaning pulse is sent through 
the candle the transducers sense and transmit a signal to a high speed oscilloscope. It is 
then possible to produce a hard copy of the trace and the data are also transferred directly 
to a computer to facilitate their subsequent manipulation.
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3.2 Objectives
The aim of this investigation is to obtain basic operational data for the ceramic candle 
filter. The areas of interest are:
a) Virgin candle characteristics.
b) The conditioning behaviour of the candle.
c) The efficiency of the reverse pulse cleaning system.
3.3 Virgin Characteristics
Cerafil S-1000 fibrous ceramic filter candles are used in all the experiments. Their 
specifications are as follows:
1000 ± 2 mm 
60 ± 2 mm 
40 ± 2 mm 
0.19 m2
0.35 ± 0.03 g cm'3 
1173 K (manufacturer’s guarantee)
43.7 %
56.3 %
Length
Outside Diameter 
Inside Diameter 
Effective filtration area 
Density
Temperature limit 
Chemical analysis: AI2O3
Si02
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Limestone was used as the test dust because it is used in commercial dry scrubbing 
applications and also because it was found to be compatible with the vibratory dust feeder.
Chemical analysis: CaC03 99.3 %
Si02 0.2%
Fe203 0.02%
A1203 0.1 %
Traces of copper, lead, magnesium and cadmium are also present.
Physical characteristics:
Percentage retained on 45 pm sieve < 0.01 %
Top cut ( X98.3 ) 13.3 pm
Weight median diameter ( X 5 0 . 3 ) 5.02 pm
Specific gravity 2.7 g cm'3
Moisture content < 0.1 %
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3.4 Results and Discussions
3.4.1 Pressure Drop of a Virgin Candle
1800
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Figure 3-ii: Pressure drop characteristics of a virgin candle.
Figure 3-ii shows the pressure drop across a virgin candle at face velocities from 3.5 to 
12 cm s'1. It is apparent that in this range the linearity predicted by Darcy’s law is 
observed; measurements taken at higher face velocities showed the onset of divergence 
from linearity. This is probably due to the increasing contribution of the pressure drop due 
to flow within the candle itself, which is roughly proportional to the square of the face 
velocity. Clift et al. (1990) showed for a 0.3 m long candle with otherwise similar 
dimensions, a uniform local filtration approach velocity exists along the whole length and 
the mean (face) velocity is proportional to the pressure drop across the candle; for a 1.5 m 
candle, the local filtration approach velocity varies axially and the mean face velocity is not 
proportional to the pressure drop. Similar experiments by Schiftner (1990), with a 1.5 m 
candle, have shown that constant local filtration approach velocities are possible when
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mean face velocities below 5 cm s'1 are used. It should be noted that Schiftner (1992) used 
a very low density BWF candle, whilst the candle used for this study has a higher 
resistance, which evens out the flow. Therefore it can be inferred for the experimental 
candle filters used that below a mean face velocity of 12 cm s’1, Darcy’s law holds and the 
effects of friction and momentum are not significant. The maximum mean face velocity 
used in the experiments was hence restricted to 10 cm s'1 to ensure the effects of flow 
maldistribution are negligible.
Using Equation (2.3), the modified filter medium resistance, km can be calculated to be 
1.45 x 104 Pa s mf1 and the Darcy’s constant, kim, is 8.32 x 1010 m'2. These values 
correspond very well with those quoted by the candle manufacturer; this confirms the 
methods of measurement are valid.
3.4.2 Conditioning
For the conditioning experiments, mean face velocities of 4, 7 and 10 cm s'1 were used. 
Figure 3-iii and Table 3 -A  (at the end of this section) summarise the conditioning
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Figure 3-iii: Residual pressure drop behaviour at different filtration conditions (normalised).
experiments. For the investigations at 4 cm s'1, maximum pressure drops of 1.5, 2.3 and
3.1 kN m'2 were used as the trigger limits for pulse cleaning.
As a means of simplifying the analysis between different test conditions, the maximum 
trigger filter cake pressure drop was correlated with the areal dust density for face 
velocities of 7 and 10 cm s'1. This was achieved by filtering the test dust at a set face 
velocity; filtration was stopped when the pressure drop due to the build up of dust reached 
a predetermined pressure drop limit. All excess dust from the filter housing was removed 
and clean metal trays were placed beneath the dust laden candle. The filter cake was then 
completely removed by reverse pulsing followed by cleaning with a fine brush. The 
accumulated dust was then weighed. This process was repeated several times and the 
resulting mean areal dust densities were taken to correspond to the set pressure drop 
limits. A relationship was then derived for these two parameters, so that for a given trigger 
pressure the associated areal cake loading is known. Hence for the latter experiments, 
trigger pressure drops corresponding to desired areal cake loadings could be selected.
*  iThe curves shown in Figure 3-m have been normalised to a face velocity of 4 cm s for 
comparison. This is because, within the range of Darcy’s law and for negligible internal 
friction and momentum losses, pressure drop is proportional to face velocity, hence at 
higher face velocities the pressure drops would inherently be higher.
It can be seen that at the lowest filtration velocity (4 cm s'1), a better cleaning efficiency
and therefore a lower residual pressure drop was reached for a higher cake loading. This
behaviour was predicted in the analysis in Section 2.5. Koch et al. (1993) have previously
demonstrated this experimentally with ceramic filter coupons. This phenomenon is due to
the thicker filter cake having a higher flow resistance (Equation 2.6), hence it receives a
higher percentage of the cleaning force during reverse pulse cleaning. However they also
showed that the inherent detachment stress decreases with increasing cake loading, though
the effects were less significant at loadings of greater than 500 g m'2; this particular trend 
*  Af  < / e ( o o f -  ^  o^ /vA fU. pre^suf€
0£  sa tU b le . ©4-  ^ ^
Litre. Mvn yttn*. .
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was attributed at least partially to the fact that a continuous filter cake is not formed at low 
cake loadings. However, it is also observed that thicker cakes form large detached 
“patches” so that there may be an inherent link between cake detachment stress and areal 
loading.
At the medium (7 cm s'1) and high (10 cm s'1) filtration rates, /H'vs- dependency
between cake loading and residual pressure drop was 5 U>
C o S ^ r e A .  ia
3.4.3 Pulse Cleaning
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Figure 3-iv: Pressure pulse characteristics at different reservoir pressures for an open end tube and
a 6 mm nozzle, measurements are taken half way along the candle; «/t<j
It can be seen from Figure 3-iv that there is a linear relationship between the reservoir 
pressure and the maximum pulse pressure reached inside the candle; this is true for the 
blow tube with an open-end and also when it is fitted with a 6 mm nozzle. Clearly, the 
higher the reservoir pressure used the higher the cleaning force will be generated within 
the candle.
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Figure 3-v shows the transient pressure pulses inside the candle for three different 
reservoir pressures. It can be seen that each maximum pressure peak is achieved within the 
same time period; however, they increase in value with increasing reservoir pressure. 
These results are in qualitative agreement with those reported by Berbner and Loffler 
(1993) for granular silicon carbide candles. They showed that it is the maximum peak 
pressure which is the most important factor in removing a deposited filter cake from a 
candle filter and its duration is only significant in preventing the expunged filter cake from 
re-depositing onto the candle. Although high values of pulse pressure peak can afford 
better cleaning efficiency, this is offset by the cost of using higher pressures within the 
pressure reservoir.
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Figure 3-v: Transient pressure pulses inside a candle filter.
The fast response pressure transducers used to measure the transient pulse pressures are 
placed normal to the pulse flow direction; their reference pressure ports are situated within 
the filter housing, so the measured pressures are relative to the filter housing pressure. This 
arrangement provides a more sensitive measurement than if the reference used was 
atmospheric pressure because of the smaller differences involved. Figure 3-vi shows the 
variation of the maximum peak pulse pressure, at different reservoir pressures, with 
filtration velocity. It can be seen that peak pulse pressure decreases as filtration velocity 
increases. This is due to the increase in resistance to the propagation of the reverse
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pressure pulse; if the curves in Figure 3-vi were normalised for a single filtration velocity, 
then they would be superimposed onto each other. This means that for a given reservoir 
pressure the maximum cleaning stress can be calculated for any filtration velocity by using 
off-line measurements.
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Figure 3-vi: Variation of maximum pulse pressure peak inside a candle filter.
Run Face
velocity
(u0) 
cm s '1
Cake
loading
(WA)
g m '2
Trigger
pressure
(APt))
Pa
Dust
conc.,
g m '3
Dust 
reaching 
the filter
(ri) %
Res.
press.
(P^)
Bar
Cleaned
fraction
(f)
Clean 
mode 
(see later)
a 4 112 1470 8.75 27.0 0.7 0.582 I
b 4 220 2313 9.78 26.5 0.7 0.852 II
c 4 322 3116 10.26 26.0 0.7 0.915 II
d 7 100 2362 7.24 41.4 4.0 0.910 II
e 7 200 3714 6.19 41.4 4.0 0.880 II
f 7 400 6429 6.31 41.4 4.0 0.842 II
g 10 100 3881 5.0 46.0 4.0 0.814 II
h 10 200 6037 4.9 46.0 4.0 0.825 II
Table 3-A: Experimental parameters and results (T] is defined as the percentage of dust injected 
into the filter housing which is collected on the filter.).
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3.5 Filter Cake Compression
As mentioned previously, it is easier to remove a thicker filter cake than a thin one because 
of its higher resistance. If a filter cake was compressed (this assumes that the contact 
density and hence the filter adhesion remains constant) then it would have a higher 
resistance than an uncompressed one of similar thickness; ergo it would probably be easier 
to remove. This is supported by the data in Table 3-A, at the low face velocity of 4 cm s'1, 
the cleaned fraction increased with increase in filter cake loading. However, at higher face 
velocities, the cleaned fraction decreased with an increase in filter cake loading. This may 
be due to the effects of filter cake compression; improved contacts between the dust 
particles themselves and to the filter will result in increased adhesion and cohesion, and 
hence the filter cake can withstand higher cleaning forces.
A comparison between the effects of cleaning on filter cakes of the same loading but 
different face velocities (d versus g and e versus h) shows that the cleaned fraction 
decreased with increasing velocity; this may also be caused by compression.
An experiment was devised to investigate whether filter cake compression had actually 
occurred in the previous experiments. A filter cake with an areal density of 200 g m'2 was 
formed on a candle at a filtration rate of 4 cm s'1 and then the dust feed was stopped. The 
filtration velocity was then increased to 5.2 cm s'1, the pressure drops across the candle 
filter and filter cake were recorded as the filtration velocity reached its new set-point. For 
the next experiment, the filtration velocity was brought down to 4 cm s'1 again before it 
was increased to 6.1 cm s'1. This was repeated for higher and higher clean filtration rates.
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Figure 3-vii: The influence of increasing filtration velocity on filter cake compression (areal density 
of200 g m'2 formed on a candle at a filtration velocity of 4 cm s'1).
The results are shown in Figure 3-vii. It can be seen that the pressure drop profiles for 
filtration velocities from 5.2 cm s’1 to 6.9 cm s'1 are superimposed onto each other, 
meaning that the structure of the filter has not changed; from 8.4 cm s'1 onwards the 
pressure drop profiles are steadily increased, this indicates compression had occurred to 
change the structure of the filter cake to make it more resistant to flow. This can explain 
why run e (7 cm s'1) had a higher cleaned fraction than h (10 cm s'1) even though they had 
the same areal loading of 200 g m'2.
The filtration velocity at which compression of the filter cake was effected (8.2 cm s'1) is 
not a general limiting filtration rate because overall pressure across the filter cake is the 
key parameter for cake compression (Hoflinger, et al., 1993; Schmidt, 1993); hence areal 
cake loading must also be taken into account. To summarise, it can be concluded that filter 
cake compression can be a problem at high filtration velocities and also, this confirms that 
the experimental data collected at a face velocity of 4 m s'1 were free from distortions due 
to filter cake compression.
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3.6 Simulation of Patchy Cleaning
The probabilistic model of Duo et al (1997a) described earlier in Section 2.6 is applied to 
simulate the primary parameters of filtration: the residual pressure drop, APj(0) and the 
filtration cycle duration, 0.
3.6.1 Absence of a Residual Dust Layer in the Cleaned Patches
1300
1100
&Cu
o 900
700 Mode II, 5 = 0 
Mode I, 5j = 0 
Experimental
500
200 300100 400 5000
t, min
Figure 3-viii: Modelling residual pressure drops assuming an absence of a residual dust layer. 
Experimental conditions were uo = 4 cm s'1 and Wa = 112 g m'2.
The numerical solutions of the model for mode I (older or thicker patches of cakes are 
preferentially detached) and mode II (younger or thinner patches of cakes are 
preferentially detached) patchy cleaning are shown in Figure 3-viii; since real conditioning 
behaviour is being modelled the cycle times are not constant; for this example they are
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actually decreasing with time. The figure shows that for a constant cleaned fraction (f), the 
values of A P J(o) (for cycles 3 and onwards, J > 3) are lower than A P 2(o) for mode I but 
higher than A P 2(0) for mode II. At advanced cycles when J is sufficiently large, A P j(0) for 
each of the modes approaches its own steady state value with A P J(0) (I) < A P J(o) (II), 
whereas cycle durations, 0j, with mode I are longer than those with mode II.
The different tendencies of A P J(o) and 0 j may be used as indications of the mode of patchy 
cleaning within a filtration system. It is possible that the patchy cleaning mode may vary 
with cycle number as a consequence of variations in filtration and cleaning conditions. 
Since modes I and II are the extremes of patchy cleaning, for a constant f, the variation of 
APj(O) caused by mode changing should be confined within the two mode lines and 
accordingly the values of 0j should be between those for the two modes.
The measured values of A P j(o> from Figure 3-viii lie beyond the range predicted by modes I 
and II, although the measured cycle durations are within the predicted range. This 
deviation from the simulated results may be due to the existence of a residual dust layer, 
which is not taken into account by the model but is observed in practice.
3.6.2 Presence of a Residual Dust Layer in the Cleaned Patches
Duo et al. (1997b) revised their model to incorporate a residual dust layer to improve the 
agreement with experiment; the relevant equations are presented in Section 2.6. The 
residual dust layer thickness, 6j, is calculated by inserting the measured values of A P J(o) into 
Equation (2.16). The results for face velocities of 4 and 10 cm s'1 are shown in Figure 3-ix. 
It is seen that in general this layer is thinner than 100 pm and that it is influenced by face 
velocity and dust loading; this is in agreement with experimental observations.
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Figure 3-ix Estimated Thickness of Residual Dust Layer in the Cleaned Patches.
Figures 3-x and 3-xi show measured and predicted values of cycle times for face velocities 
of 4 and 10 cm s'1 receptively. The cleaning mode was chosen to give the optimum 
simulated fit to each set of experimental data. The results show that at the stated 
conditions, mode II (thin new patches removed on cleaning) is prevalent. However mode I 
was calculated for the experiment at Uo = 4 cm s'1 and Wa = 112 g m'2. All of the predicted 
cycle durations are higher than those measured from experiments because the 
mathematical model assumes that the < (.*• k j  for the filter cake, kc, does not
vary. As discussed in Section 2.5 this assumption is only valid at low face velocities and at 
low filter cake loadings. If cake compression was taken into account by this model then 
improved prediction of experimental results are expected. However, there is insufficient 
information available on filter cake compression at present and more research is needed 
before its effects can be quantified.
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According to the arguments stated in Section 2.5, thick filter cake should be removed 
preferentially so that ideally patchy cleaning occurs in mode I. This is borne out only by 
Run a, data obtained at u0 = 4 cm s'1 and WA = 112 g m'2, conditions at which typical 
filtration systems operate. For Runs b - h, the apparent propensity towards mode II is due 
to the resilient build-up of cake at the open end of the filter and also to the horizontal 
orientation of the filter; this leads to permanent patches of cake remaining on the top after 
cleaning, because even though the cleaning pulse removes these patches from the filter 
they are brought back to re-deposit onto the top ( similar to being old patches which are 
not cleaned off the candle filter) by the action of gravity and hence mode II cleaning 
(young patches are detached preferentially) results.
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Figure 3-x: Variation of Cycle Duration with Cycle Number (uq = 10 cm s '1).
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Figure 3-xi: Variation of Cycle Duration with Cycle Number (uq = 4 cm s '1).
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3.7 Conclusions
A single-candle filtration test rig has been built to investigate the filtration behaviour of 
low density ceramic candle filters.
It has been found that optimum conditioning behaviour is achieved by filtering at low 
filtration velocities and by having high cake loadings before pulse cleaning. The limit to the 
cake loading is determined by the allowable pressure drop within the system.
It has been shown that higher reservoir pressures will effect a higher pulse pressure hence 
leading to more efficient cleaning. To maximise the efficiency of the system, pilot studies 
should be made to determine the minimal requirements of reservoir pressure to effect good 
cleaning.
Filter cake compression and patchy cleaning has been observed in the experiments.
The probabilistic model developed by Duo et al. (1997a) has been used to simulate the 
pressure drop history of the filters and their simple correlation has been used to determine 
the cleaned fraction as a measure of the cleaning efficiency, based on the measured 
pressure drops before and after cleaning.
The orientation of the filters can mask the patchy cleaning mode. In this study, mode II 
(thin or young patches are cleaned) was prevalent because of the horizontal configuration 
of the filter candle.
Filter cake compression can have detrimental effects on reverse pulse cleaning efficiency. 
Further studies need to be made into cake compression at different areal cake loadings 
before any firm conclusions can be established.
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4. Scrubbing Technologies
There are a number of options available for the simultaneous control of gaseous and 
particulate emissions from industrial sources. They can be classified as wet, semi-wet 
or semi-dry, and dry scrubbing methods.
4.1 Wet Scrubbing
The separation of particles from gases is achieved in scrubbers by the addition of a 
liquid, usually water. The liquid is dispersed into a spray, and the liquid droplets are the 
principal collectors for the dust particles. The collection process within wet scrubbers 
can be described in three phases. Firstly the particles separate on to the collecting 
surfaces, which can either be the water droplets or the wet surfaces of the scrubber 
structure; in both cases particle re-entrainment is virtually eliminated. Secondly the 
collected particles are washed off the collecting surfaces in a film of water; any re­
entrained water droplets are separated in a spray eliminator. Finally the solids are 
removed from the scrubber in the form of a slurry which is easier to handle than a dry 
powder.
Collection of particles by the droplets follows the basic mechanisms of aerosol 
deposition (some of which are shown in Figure 4-i): gravitational deposition, flow line 
interception, inertial deposition, diffusional deposition, electrostatic deposition, and 
thermal deposition. Various investigations of the relative contributions of each have led 
to the conclusion that the predominant mechanism in wet scrubbers is inertial 
deposition. Flow line interception is only a minor mechanism in the collection of the 
finer dust particles and diffusion is only important for particles smaller than about 
0.1 pm. Thermal deposition is usually negligible and will be so here since the system is 
maintained at uniform temperature. Gravitational settling is ineffective because of the 
high gas velocities and short residence times in the scrubbers. Electrostatic deposition
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is unlikely to be important unless the dust or the scrubber liquid or both are deliberately 
charged from an external source to enhance collection (Perry and Green, 1987).
— -  ► Inertial Interception
A particle carried along by a gas stream tends to follow 
the stream but may strike the obstruction because of its 
inertia.
The broken lines represent the streamlines and the solid 
line the inertial path of the particle.
-  ►
-  ►
-  ►
-  ►
-  ►
Brownian Diffusion
Smaller particles (less than 1 micron) exhibit Brownian 
motion. They diffuse from the gas to the surface of the 
collecting surface.
Flow Line Interception
If  a  fluid streamline passes within one particle radius of 
the collecting body, a particle travelling along it will touch 
the body and may be collected by it.
Figure 4-i: Particle deposition mechanisms.
The general properties of wet scrubbers are as follows (Muir, 1992): 
Advantaees:
® they can be used with cohesive powders;
• they can be used to tackle cohesive dusts;
® the pressure drop is generally small;
® they are insensitive to changes in gas temperature near to the dewpoint; 
© the waste stream is in a form which can be pumped;
® there are no secondary dust problems in disposal;
© dust explosions are unlikely;
© there is a potential for low-grade heat recovery system.
Disadvantages:
® they need energy to pump water through jets and nozzles;
• evaporation leads to water consumption even if an effective water re-circulation is 
facilitated;
® they need a slurry handling and separation system;
• unexpected increases in feed solids concentrations may exhaust the water film and 
lead to plugging;
® the inevitable gas cooling may not be desirable, e.g. loss of thermal buoyancy in the 
stack plume;
• they are liable to corrosion and scaling problems;
• they are not suitable where the solids cannot be wetted;
• they are subject to possible freezing in cold climates.
Wet scrubbers may also be used to neutralise gaseous pollutants by absorption if 
suitable chemicals are added to the scrubbing liquid (Robert and Newman, 1991; Perry 
and Green, 1987). The disadvantages of this are that the operating temperature is 
limited by the physical properties of the scrubbing liquid and the resultant liquid waste 
stream must be treated before discharge; this can be a complex and expensive process. 
There are a large number of different designs of wet scrubbers available with differing 
operational characteristics; some are described below.
4.1.1 Plate Scrubbers
Plate scrubbers (Figure 4-ii) have 
perforated plates or trays mounted 
horizontally in a vertical tower, usually 
circular in cross-section. The gas flows 
through the plates upwards, leaving the 
tower at the top; the liquid is introduced 
at the top plate and is allowed to flow 
successively over each plate on its way
Gas outlet
Mist eliminator
Scrubbing 
liquid inlet
Gas
Gas inlet
Scrubbing 
liquid outlet
Figure 4-ii: Plate scrubber.
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down to the slurry exit. The separation is largely achieved by inertial impaction and as 
this leads to relatively sharp grade efficiency curves for a single plate, there is little 
incentive to use large numbers of identical plates. This means that usually only a few 
plates are used (Svarovsky, 1981).
The cut sizes vary with the type and size of the perforations from 0.5 to 2 pm, the 
superficial gas velocities in the tower from 2 to 3 m s'1, the velocities in the 
perforations from 25 to 30 m s'1 and pressure drops from 250 to 1250 Pa per plate 
(Perry and Green, 1987).
4.1.2 Packed Scrubbers
Packed-beds (Figure 4-iii) are widely 
used for mass transfer processes and can 
also be used for particle removal 
purposes though they can be prone to 
plugging. The packing materials vary 
from crushed rock to various rings and 
saddles. The gas-liquid contacting can 
be co-current, counter-current or cross- 
flow. Separation of dust particles is 
mainly due to inertia but diffusion can 
also be important. Small packing 
material leads to higher efficiencies; typical cut sizes range from 0.7 to 1.5 pm and 
superficial gas velocities from 2 to 3 m s'1. Pressure drops through 1 m of packing are 
of the magnitude of 400 Pa and increase with the liquid flow rate; flooding usually 
occurs at pressure drops above 800 Pa (Perry and Green, 1987). For purely particle 
collection applications the size of the packing affects the scrubber efficiency but the 
shape is not as influential, hence the packing is selected on the basis of the minimum 
pressure drop. However, for gas abatement purposes the shape of the packing can have 
a significant impact on mass transfer and therefore the operational pressure drop must 
be balanced out with the mass transfer considerations.
Gas outlet
Gas inlet
A  A
Distributor
Mist eliminator
Scrubbing 
liquid inlet
Scrubbing 
liquid outlet
Figure 4-iii: Packed-bed scrubber.
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4.1.3 Pre-Formed Spray Scrubbers
These collect particles on water 
droplets due to a relative velocity 
between the particles and droplets 
through inertial separation. The 
droplets are sprayed from nozzles into 
a chamber with either horizontal or 
vertical flow. The most widely used 
type in this category is the spray tower 
and is shown in Figure 4-iv. Due to the 
counter-current flow of scrubber liquid
f la c  Aiitlof
Gas inlet
A A /i\ A
Mist eliminator
Scrubbing 
liquid inlet
Scrubbing 
liquid outlet
Figure 4-iv: Spray tower
and gas, the relative velocity between the droplets and the gas is equal to the terminal 
velocity of the droplets; the maximum efficiency is achieved with droplet size of around 
800 Jim. This optimum size is smaller if high velocity sprays are used which lead to 
higher relative particle-droplet velocities. Gas velocities in spray towers can be as high 
as 3 m s'1, but they are usually around 1.5 m s'1; cut sizes are from 0.7 to 5 Jim.
4.1.4 Venturi Scrubbers
Venturi scrubbers (Figure v) are the 
most common type of gas-atomised 
spray scrubbers. Atomisation and 
entrainment of water droplets is 
achieved by the gas itself; furthermore, 
particle collection is enhanced by high 
relative velocities between the dust 
laden gas and the water droplets. Liquid 
may be introduced before or within the 
throat of the venturi, typical velocities 
vary from 60 to 120 m s'1; this of course
Gas inlet
Liquid inlets
Gas outlet
Centrifugal
entrainment
separator Liquid outlet
Figure 4-v: Venturi scrubber
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means high pressure drops of between 
4600 and 15000 Pa (Perry and Green, 
1987).
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The highly turbulent gas flow in the 
throat atomises the liquid into a very 
fine mist and this together with high *100
0
relative particle-droplet velocities I w
1
leads to high efficiencies; cut sizes £
5  80
down to 0.2 pm can be achieved and 3
3
this makes the venturi scrubber the 70( 
most efficient of the wet scrubbers and
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also the most energy intensive. Figure 4-vi: Typical grade efficiency curves for wet
scrubbers.Examples of typical efficiency curves
for wet scubbers are shown in Figure 4-vi and Table 4-A gives a summary of the 
relative dust collection efficiencies of the different technologies.
Efficiency a t
Type of collector 10 pm 5 pm 2 pm 1 pm
Medium-efficiency cyclone 45 27 14 8
High-efficiency cyclone 87 73 46 27
Tubular cyclone 98 89 77 40
Irrigated cyclone 97 87 60 42
Spray tower 97 94 87 55
Wet impingement scrubber >99 97 92 80
Venturi scrubber - medium energy >99.9 99.6 99 97
Venturi scrubber - high energy >99.9 99.9 99.5 98.5
Electrostatic precipitator >99.5 >99.5 >99.5 >99.5
Shaker-type fabric filter >99.9 99.8 99.6 99
Pulse-jet fabric filter >99.9 >99.9 99.6 99.6
Pulse-jet ceramic candle filter >99.9 >99.9 >99.9 >99.9
Table 4-A: Approximate collection efficiencies of dust collectors on different particle sizes 
(dust density = 2700 kg m"3), adapted from M uir (1992).
49
4.2 Semi-Dry Scrubbing
Semi-dry injection scrubbing systems are essentially the same as dry systems with 
enhancement of reactions by the addition of water. This can be achieved by addition of 
moisture to the sorbent particles before injection or by humidifying the process gas in a 
spray tower. Typical operating temperatures are below 200 °C (473 K).
Increasing the moisture content in the sorbent particles has two beneficial effects when 
they come into contact with the hot gas stream: cracking of the particles as the 
moisture flashes off, with a resultant increase in the gas-solid contact surface; and the 
reduction of the gas temperature, due to the latent heat of evaporation, which improves 
acid gas removal efficiency.
A more common semi-dry process and one which represents the current trend in small 
and medium sized installations, is where a slurry of the sorbent is injected into a spray 
tower with the flue gas (Heap, 1993). The sensible heat in the gas stream evaporates 
the water from the slurry leaving fine dry particles of salt, process dust and excess 
sorbent particles for collection in a fabric filter or an electrostatic precipitator.
4.3 Dry Scrubbing
Dry scrubbing processes are characterised by the absence of water addition to the 
contaminated streams. The sorbents used can be in the form of granules or small 
particulates.
4.3.1 Granular Beds
Granular-bed filters have been proposed as a means of removing gases and particulates 
simultaneously. They are usually classified as ‘depth’ filters, since dust particles usually 
deposit in depth within the bed of granules. The granules themselves are typically of
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some durable material such as quartz sand and are several hundred microns in size. 
They provide targets for the deposition of particles by inertia, diffusion, flow-line 
interception, gravity, and electrostatic attraction, depending on the dust and filter 
characteristics and the operating conditions.
There are three categories of granular-bed filters:
1) Fixed-bed. The medium is stationary and filtration occurs in the bulk of the bed 
(depth filtration), and possibly, after some time, on the up-stream surface (cake 
filtration) although the practical limits of gas pressure drop will normally have been 
reached before this occurs. These units may be used to saturation after which they are 
broken up for disposal or they can be cleaned in situ by back pulsing with gas or 
fluidising the whole medium.
Media
2) Moving-bed filters. The principal j^ur" 
objective in the development of cleanable 
granular-bed filters is to produce a device 
that can operate at temperatures above 
the range that can be tolerated by fabric 
filters. It is possible to separate the 
collected dust particles from the granules 
either continuously or periodically; this 
can enable these filters to operate 
continuously on gases containing 
moderate to high dust concentrations.
The necessity for cleaning and recycling 
the granules generally restricts the 
practical granule size to 3 to 10 mm 
(Perry and Green, 1987). This in turn 
makes it difficult to attain high collection 
efficiencies on fine dust particles with
Gas inlet
Gas outlet
Internal media 
reservoir
Eight equally spaced 
media feed legs
Inner media 
flow annul us
Dirty media
Figure 4-vii: The screenless counter-current 
moving-bed filter, Combustion Power Company.
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granule-beds of reasonable depth and operational pressure drop. There are many types 
of these filters in commercial use; the configuration developed by Combustion Power 
Company is shown in Figure 4-vii. The granular medium is distributed into a slowly 
moving granular bed via a number of dip-legs. The dirty gas enters through a single 
axial pipe, initially in co-current flow with the collection medium, reverses direction 
and then travels counter-currently back to the bed surface. The granular medium is 
regenerated in a pneumatic riser.
3) Fluidised-bed filters. Process gas laden with dust is used as the fluidising 
medium to fluidise a bed of collector particles; these particles can be removed and 
replaced without difficulty. Two distinct collection zones exist (Figure 4-viii):
• Gas entry zone. A distributor is used to introduce the dirty gas as an array of high 
velocity jets (typically the gas velocity is tens of metres per second). Bed material is 
entrained into each jet, where it experiences a high slip velocity relative to the gas, 
so that collection by inertial impaction is enhanced in the jet.
• Bubbling bed zone. Dust is collected from the gas percolating between particles in 
the fluidised emulsion phase by any of the collection mechanisms described earlier. 
Care is taken to prevent plugging of the distributor with dust particles; otherwise 
operation of the filter is no different from that of a conventional fluidised-bed.
Gas jet
Fresh
medium
Clean gas
inment
Distributoi
Spent
medium Dirty gas
Figure 4-viii: Fluidised bed filter.
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4.3.2 Review of Granular-Bed Scrubbing
Peukert and Loffler (1993a) propose the concept of a two granular-bed filter system 
for flue gas cleaning at a secondary aluminium smelting plant. In the first fixed-bed of 
inert quartz granules with diameters less than 0.5 mm, process dust is separated at a 
temperature of around 1000 K. In the second stage simultaneous sorption of gaseous 
pollutants of S 0 2 and HC1 is effected with CaO or NaHC03 sorbents in a counter- 
current bed. Bench-scale experiments were performed at the plant with two fixed-bed 
filters both 50 mm in height. In the first bed, where filtration was effected at 973 K, 
optimum filtration efficiency was found for granules smaller than 1 mm at typical 
filtration velocities of 0.25 m s'1. Sieved pellets with sizes between 1.7 and 2.0 mm 
produced by a rotating disk agglomerator of limestone (x50=1.8 pm) and NaHC03 
(x 50=7.6 |im) were used in the second bed to scrub the process gas with an HC1 
concentration of 1450 mg m'3 and a S 02 concentration of 960 mg m'3. The limestone 
pellets were calcined at 1073 K before reaction at 800 K. The temperature was 473 K 
for the NaHC03 experiments; NaHC03 decomposes in situ at 373 K to form reactive 
Na2C 03. Both sorbents gave clean gas concentrations below the regulatory limit of 
30 mg m*3 (s.t.p. dry state) for HCl;and S 02 concentrations of around 30 mg m*3, for 
which there are no emission limits from aluminium plants.
Ishikawa et al. (1993) reported the results from a bench-scale moving-bed test facility 
for the removal of hydrogen sulphide and particulates from an IGCC process. A gas 
stream containing 2900 to 3800 ppm of H2S, 13 to 24 vol.% of H2, 15 vol.% of C 02 
and 2.0 to 2.6 vol.% of H20 , the balance being N2, was scrubbed with iron oxide. The 
bed operated at atmospheric pressure, temperatures from 673 to 700 K, a superficial 
gas velocity of 0.16 m s'1 and a sorbent velocity of 1.0 m hr'1. The moving-bed reactor 
had a height of 2000 mm and a base area of 150 by 300 mm. The outlet concentrations 
of H2S were under 20 ppm. The influence of dust was investigated by the injection of 
process dust from a fluidised-bed gasifier; there was no decrease in desulphurisation 
efficiency for a dust loading of 10 g m"3. The next installment of their project involves a
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moving-bed reactor, operating at 2.6 MPa and 693 K, to treat 1000 m3 N h'1 of coal 
gasifier effluent from the IGC Nakoso pilot plant in Japan.
Bradshaw et al. (1989) describe a series of bench-scale tests conducted to evaluate a 
dry, fluidised-bed, scrubbing process for removing acidic gases from incinerator flue 
gas. A fluidised-bed of lime was operated in the bubbling-bed regime at temperatures 
from 700 to 925 K. The lime particles used were 212 - 425 fim in size and were used in 
a bed 20 cm deep. The gases investigated were HC1, S O 2  and sublimed P 2O 5; the 
concentration of HC1 was from less than 138 to 6900 ppm. The removal of HC1 was 
found to increase with superficial gas velocity, increase in bed temperature and increase 
in residence time within the fluidised-bed; inlet HC1 concentration had less influence on 
the reaction. They suggested that increased particle abrasion and attrition at higher gas 
velocity is beneficial to acid gas removal efficiency, provided the loss of sorbent due to 
elutriation is controlled.
These three examples illustrate the ways in which granular bed scrubbers can be used 
to remove gases and particulates. However, they are only bench-scale experiments and 
further development has to be made to these concepts before they can be used in an 
industrial environment.
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4.4 Dry Injection with a Particulate Collection System
Sorbent feed
Cyclone Secondary Collector
ExhaustReactor
Sorbent recycle
Waste extract
Process gas inlet
Figure 4-ix Schematic of a dry scrubbing process.
A typical schematic of an industrial dry sorbent injection scrubbing facility is shown in 
Figure 4-ix. Process off-gas laden with dust particles and contaminated with acidic 
gases passes through a reactor zone where a suitable dry sorbent is injected to effect 
the removal of the gaseous components. The gas stream is first cleaned with a cyclone 
and finally with a secondary particulate collector, e.g. a bag filter, ceramic filter or 
electrostatic precipitator, before venting to atmosphere via a stack (Heap, 1993).
The cyclone is designed to remove the majority of agglomerates and larger particles, 
and unreacted sorbent is recycled back into the reactor to maximise its utilisation. 
Important factors in dry scrubbing applications are: the gaseous species to be removed, 
the sorbent used and the process conditions. These dictate the residence time needed in 
the reactor, the amount of sorbent used above stoichiometric requirements, the sorbent 
recycle rate and the size of the dry scrubbing system.
55
4.4.1 Industrial Applications
Dry scrubbing via sorbent injection is not a new technology; it was first investigated in 
the 1950’s as an alternative to wet scrubbing methods for flue gas desulphurisation 
(Parker, 1978). The use of fabric filters in conjunction with dry scrubbing was 
instigated in the late 1960’s by the aluminium industry; this development was in 
response to the US Clean Air Act of 1967 which placed limits on the emissions of 
particulates and fluorides from primary aluminium plants (Rossano and Pilat, 1971).
Although the potential for reaction of a sorbent filter cake was recognised quite early 
(Samuel et al., 1981), very little development was carried out until recently (Gang and 
Loffler, 1989; Keener and Biswas, 1989). Recent investigations have refocused on the 
use of filter cakes as a zone of reaction. Gennrich (1993) describes the Babcock and 
Wilcox SNRB patented process for the removal of sulphurous oxides, nitrous oxides 
and particulate emissions from a coal-fired flue gas. Simultaneous removal occurs in a 
high temperature pulse-jet baghouse operating at 550 °C. Avina and Esposito (1993) 
advocated a pre-coat of sorbent on the filter cake on a bag filter to eliminate “spike” 
emissions from a waste incinerator.
Startin et al. (1993) concentrate on the use of low density ceramic elements as the 
filtration medium. They reported results from a pilot plant fitted with 36 such elements, 
treating off-gases from a waste burning boiler incinerating clinical waste by injection of 
hydrated lime; the point of injection was immediately before the filter housing and in 
effect this system had a very small entrained flow reaction zone. HC1 removal 
efficiencies in excess of 90 % were achieved from a stream, at temperatures from 
150 °C to 200 °C, containing a maximum concentration of 1050 mg m'3 and a time 
weighted average of 348 mg m'3 of HC1. By increasing the time interval between the 
cleaning cycles, they found an increase in HC1 removal efficiency. It arises due to a 
larger build-up of sorbent within the filter cake, hence a longer gas-sorbent contact 
time is achieved.
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Heap (1993) acknowledges that acid gases can react in a sorbent filter cake, though in 
the systems he investigated most of the acid gases are removed within a venturi reactor 
before actually reaching the filter. Sodium bicarbonate was used in most of the plant 
trials he reported. Although sodium compounds are 2 to 4 times more expensive than 
calcium compounds, they are recommended in dry scrubbing because of their ease of 
handling and higher reactivity (Heap, 1993; Frounfelker, 1989). The use of sodium 
compounds as in dry scrubbing is discussed in Section 6.3.1.
From the growing research on dry injection scrubbing, it can be seen that it is gaining 
momentum in industrial practice. Nevertheless the design and operation of such 
processes is still based on experience and ‘trial and error’. Of course it is particularly 
difficult to design abatement processes for batch facilities such as clinical waste 
incinerators. Due to their batch burning methods and the fact that the raw material 
being burned is also extremely variable in composition, “spikes” rather than a steady 
concentration of pollutants are generated over a period of time. However, it is possible 
to refine current design methods and to provide a more scientific approach to their 
development. To implement this it is necessary to investigate the fundamental aspects 
of acid sorption. These include: the comparison of different sorbents, the reaction 
kinetics and mechanisms involved in the acid gas-sorbent reactions, the effects of 
temperature, the influence of process dust particles on the dust-sorbent filter cake and 
hence on the reactions, and also the use of different sorbent injection strategies (i.e. 
batch, semi-batch or continuous). Investigation of all of the above aspects can lead to a 
better understanding of acid gas scrubbing processes, and hence to optimising the 
sorbent utilisation and process operating conditions.
4.4.2 Advantages of Using Ceramic Filters
If a barrier filter is used as the secondary particulate collection system, a filter cake 
consisting of dust and sorbent particles will build up with time. This filter cake has the 
possibility of reacting with acid gases as the residence time of the sorbent particles in 
the filter cake is relatively large; Gang and Loffler (1989) have observed experimentally
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the gas-solid reactions which occur in the filter cake. This can be viewed as a fixed-bed 
reactor with moving boundaries. If the filter cake can be utilised in this manner, then 
the entrained flow reaction zone can be reduced or even eliminated. This may also lead 
to a lower usage of sorbent. Commercially it has the potential for reducing the capital 
and operational costs related to dry scrubbing facilities.
With bag filters it is sometimes necessary to cool the off-gases by dilution with ambient 
air to a tolerable temperature before filtration. C. K. Cheung et al. (1993) have pointed 
out that a consequence of dilution is that a larger volume of gas is treated which 
necessitates the use of larger equipment and hence it is economically advisable to filter 
at high temperatures whenever possible. Ceramic candle filters have important 
advantages over bag filters in this situation. They are chemically inert, can operate at
AO
high temperatures so thandilution is needed, they can filter at up to 6 cm s'1 (though 
most facilities operate at around 3 cm s'1 which is still higher than the average bag 
filtration velocity of 1.5 cm s'1), and they are generally more robust than bags. Their 
rigidity also means that filter cakes are less prone to cracking during filtration, hence 
minimising the risk of by-pass of acid gases (Gang and Loffler, 1989). These filters are 
also ideal for retrofitting purposes in, for example, clinical waste incineration facilities 
because of their relatively small unit size as compared to bag systems (Startin et al., 
1993).
In comparisons between dry and wet scrubbing systems, it has been shown that the dry 
system can be a better economic option. In a study of flue gas desulphurisation from 
coal-fired boilers (Samuel et al., 1981), a dry sodium injection system with bag filters 
was found to have a lower capital cost ($122 kW"1) than a lime spray system 
($132 kW'1) or a wet limestone scrubbing system ($186 kW'1). Hedenhag (1993) 
compared the economics between dry and wet flue gas desulphurisation systems in 
different coal-buming boilers by normalising the costs to the volume of gas treated. 
The dry system consists of: a venturi reactor where a lime slurry is injected, a cyclone 
which takes out the majority of solids and recycles unreacted lime back to the reactor, 
and a final particulate collector (either an electrostatic precipitator or a baghouse)
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where the fine particulates are removed. The wet system consists of a wet scrubber 
absorber vessel, in which the flue gas is exposed to several liquid spray zones where 
absorption of the acid gases take place. The basis for this comparison was 90 % 
absorption efficiency of SO2. The dry system could achieve as high as 99+ % S 02 
reduction at a stoichiometric ratio of 1.4 moles of sorbent to 1 mole of S 02. Overall 
the capital cost for the dry system was lower for facilities below 1,000,000 ACFM 
(28300 m3min'1). The space requirements and waste disposal costs were higher for the 
wet system. The service and maintenance costs also favoured the dry system; 
experience from more than a dozen installations showed extremely low maintenance 
costs with crew sizes lA of that for comparable wet systems. It is generally believed 
that operating costs are higher for dry systems, but this analysis indicated that the two 
systems are surprisingly close in this respect and actually favoured the dry system.
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5. Mathematical Model
The kinetics of the reaction between S 02 and CaO or CaC03 have been extensively 
investigated in fixed-bed reactors (Borgwardt et al., 1986; Dam-Johansen and 0stergaard, 
1991; Peukert and Loffler, 1993b) and by thermogravimetric analysis (lisa and Hupa, 
1990; Tullin and Ljungstrom, 1989). Sorption of HC1 with CaO or CaC03 has also been 
studied (Weinell et al., 1992; Daoudi and Walters, 1991; Bandt al., 1991; Jozewicz et al., 
1990) but not as extensively. Kinetic models have been proposed based on sorbent particle 
structure models known collectively as the “Grain Model” (Wen and Ishida, 1973; 
Hartman and Coughlin, 1976; Dam-Johansen et al., 1991; Peukert and Loffler, 1993b). 
Most of the existing models deal with the gas-solids reactions occurring in a single particle 
or in a fixed-bed of particles with a constant bed thickness. Keener and Biswas (1989) 
proposed a dry scrubbing model for S 02 removal with Na2C 03 in filter cakes, which 
considered the movement of the cake boundary. However, they did not incorporate a 
sorbent particle structure model but used an assumed expression to describe the particle 
reaction rate.
A mathematical model has been developed by Duo et al. (1993) to simulate the dry 
scrubbing process occurring in a filter cake containing sorbents for removal of acid gases. 
It is based on the “Grain Model” and is formulated for a general gas-solid reaction. It can 
be used to consider fixed boundary problems, where sorbent-containing filter cake is 
formed instantaneously, and then exposed to the gas, or moving boundary problems, 
where the filter cake builds up continuously from particles of dust and sorbent entrained in 
the gas.
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5.1 Considerations for Mathematical Models
To model gas-solid reactions several factors must be taken into account. Transport effects 
and reactions have to be considered simultaneously, giving consideration to the relative 
magnitudes of the rate of transport and the rate of reaction and whether important 
gradients inside and around particles build up or not. Several models have been used for 
this purpose.
5.2 Shrinking Core Model
This model was first postulated by
Yagi and Kunii (1955). Consider a gas
reacting with a particle of low
porosity to yield a porous product of
reaction, often referred to as “ash”, by
analogy with combustion reactions.
The reaction takes place in a narrow
zone that moves progressively from
the outer surface to the centre of the
particle, which is assumed to be
isothermal. Such a scenario is usually
described as the heterogeneous
Figure 5-i: Shrinking-Core Model.
shrinking-core model and is shown in
Figure 5-i; heterogeneous because there are two distinct layers inside the particle, with 
clearly distinct properties. Cso is the solid reactant concentration at the centre of the 
spherical particle, C ss is the solid reactant concentration at the reaction front, Ca is the 
bulk concentration of the reacting fluid and Cas is the concentration of the reacting fluid 
within the solid.
Unreacted
Core
Product Fluid Film
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Five steps describe the mechanism during reaction:
1) Diffusion of gaseous reactant through the film surrounding the particle to the 
surface of the solid.
2) Penetration and diffusion of gaseous reactant through the blanket of ash to the 
surface of the unreacted core.
3) Reaction of gaseous reactant with the solid at this reaction surface.
4) Diffusion of gaseous products through the ash back to the exterior surface of 
the solid.
5) Diffusion of gaseous products through the gas film back into the bulk fluid.
Obviously not all of the steps are important for all reactions, e.g. if no gaseous products 
are formed or if the reaction is irreversible, steps 4 and 5 do not contribute directly to the 
resistance to reaction. Also, the resistances of the different steps usually vary greatly from 
one to another; in such cases it is possible to consider the step with the highest resistance 
to be rate controlling.
5.3 Grain Model
This model considers a spherical particle to be constituted of a large number of very small 
uniform spherical grains between which the fluid has easy access through the pores; this is 
shown in Figure 5-ii.
Each grain is taken to be impermeable, and to react by a “shrinking-core” process. This 
model is much more representative of the actual reaction mechanisms which take place 
within a gas-solid reaction system. By incorporating an effective diffusivity into this model, 
the tortuosity and the change in porosity of the particles and hence the intraparticular 
characteristics can be accounted for.
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Figure 5-ii Grain model.
Extensions to this model have been made by various researchers in the field of sulphur 
dioxide removal with calcium compounds. Ranade and Harrison (1979) included the 
sintering of grains in their model whilst Hartman and Tmka (1980) take account of the 
phenomenon of grain expansion caused by the increase during sulphation of the solid phase 
volume. Lindner and Simonsson (1981) included both sintering and expansion of grains in 
their model. The presence of inert matter within reactant particles has also been 
investigated (Alvfors and Svedberg, 1988). A more recent model developed by Dam- 
Johansen et al. (1991) assumed the grains to be porous, consisting of non-porous 
micrograins which increase in volume during reaction to lead eventually to the blockage of 
the micropores. This model has been verified by comparison with a large volume of 
experimental data.
5.4 Pore Model
The pore model is another model which incorporates structural features into the reaction 
scheme. It was developed by Szekely and Evans (1970). They considered a solid particle
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to be infinitely thick and isothermal (Figure 5-iii). The pores are parallel, all have the same 
radius (R) and are spaced at equal distances (L). Reactant gas diffuses up the pores (in the 
y direction) and reacts with the solid. Initially this reaction occurs at the pore walls, but 
subsequently it will take place at the reaction front which moves radially into the solid. The 
assumptions made for the “grain model” are also shown to be valid for this model. 
Christman and Edgar (1983) further developed this model by including a description of the 
change in pore volume distribution during reaction; it provided a good fit to the 
experimentally determined degree of sulphation as a function of time. Although this is a 
more precise physical model, it is also more complex than the grain model. There are no 
mechanisms by which two pores may interact to produce a new single pore in a reaction 
system where a solid product is formed. However, pores may be destroyed or partially 
destroyed by two mechanisms. When the inner radius of a pore reaches zero, a pore no 
longer exists. When two pores are close enough that their outer radii at the reaction front 
overlap, part of the surface available for reaction to both pores is eliminated. The former 
mechanism can be handled easily whereas the second mechanism requires a more extensive 
analysis.
R
reactic n front
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solid
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Figure 5-iii: Schematic of the Pore Model.
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5.5 Description of Model
For this particular project, the main gaseous pollutant of interest is HC1. Peukert and 
Loffler (1993b) have reported that both the shrinking core model and the pore model are 
suitable for the simulation of HC1 reduction in a fixed-bed system under differential gas 
conditions. Due to its relative simplicity, the grain model has therefore been adopted as the 
basis for the simulation of reaction within filter cakes.
The mathematical derivation of a model for dry scrubbing based on the grain model will 
now be described. The following gas-solid reactions between HC1 and calcium compounds 
are of interest:
Ca(OH)2 +2HC1 = CaCl2 + 2H 20  5 J
CaO + 2HC1 = CaCl 2 + H20  5>2
CaC03 + 2HC1 = CaCl2 + H20  + CO^ 5 3
CaC03 = CaO + C 0 2 3 4
Ca(OH) 2 = CaO + H zO 5<5
The above reactions must eventually reach global equilibrium and should in theory be 
considered simultaneously. However, under certain conditions, one or more of them are 
dominant. For example, if Ca(OH)2 is added as the sorbent into flue gas containing water 
vapour at temperatures below 673 K, reactions (5.2) to(5.5) will be insignificant. For 
simplicity, a single general reaction is considered in the development of the mathematical 
model:
A(g) + bB(s) =  Cpg(g) +dPS(s) £ £
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Dry scrubbing with filtration of dust involves a multicycle process of deposition and 
removal of filter cake from the filter medium. In ideal circumstances, the entire cake is 
detached from the filter surface (complete cleaning). At other times, the cake detaches 
only partially leaving patches on the filter surface; this is known as “patchy cleaning” 
(Cheung et al., 1988; Seville et al., 1989b). The model is used to simulate a dry scrubbing 
process with complete cleaning over one filtration cycle. However it can also describe 
cases of patchy cleaning and multicyclic filtration. For a constant concentration of the acid 
gas, Ci, the overall stoichiometric ratio of the sorbent to the gas, p, is determined by:
p = S / M
bCjijiio  5>7
where S is the total amount of sorbent to be injected in a complete cycle with a cycle 
duration time of tf. It may be arranged (Duo et al., 1993) that part of this sorbent is 
injected in a batch at the beginning of the cycle and the rest added continuously at a 
constant rate thereafter in the cycle. Si is used to define this ratio:
_ amount of sorbent injected at the start of the cycle 
1 total amount of sorbent added during the full cycle 5 8
This arrangement is illustrated in Figure 5-iv. If Si = 1, the process is referred to as batch 
injection with a fixed boundary; if Si = 0, as continuous injection with a moving boundary; 
and if 0 < Si <1, the process is referred to as semi-continuous injection with a moving 
boundary.
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t =  0 t > 0  t > 0
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z  =  0
Figure 5-iv: Representation of how dust and sorbent form a filter cake.
Assumptions made in the development of the model are:
1 The dust in the process gas which has to be filtered is inert to the acid gas.
2 Superficial filtration velocity, Uo, and the mass concentration of the dust, Wd,
are constant.
3 Particles of the sorbent and dust are completely mixed and distributed uniformly 
in the filter cake without particle agglomeration.
4 The voidage of the filter cake, £, is constant.
5 Radial dispersion of gas in the filter cake is negligible.
The governing equation in each of the two sections of the filter cake can be derived by 
considering an element of differential thickness, Az (Figure 6). Here z is the length 
co-ordinate along the filter cake, A is the normal area exposed to the gas, C is the 
concentration of the reactant gas, £ is the interparticle voidage of the filter cake, J is the 
molar flux of the reactant gas through the wall, of differential thickness Az, and u is 
defined as the mean gas velocity divided by the cake voidage, uo/£.
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z = 0
z + Az
Figure 5-v: Mass Balance on a Filter Cake. 
Input -  Output -  Reaction = Accumulation
d C
(Ae J|z+Az-A eJ|z )+ (A£ uC|z+Az-A s uC|z) - A vrvb = e Av—
5.9
5.10
The first term in Equation (5.10) is the accumulation due to diffusion. The second is the 
accumulation via convection. The third term does not include voidage because the reaction 
rate, r Vb, is defined as the reaction rate for a unit volume of the filter cake. The expressions 
in the brackets are expanded by using Taylor’s Series and approximated to the first 
derivative terms only:
9 J |7 . un , 3 C , , 3 CAe Az— — + As —  Az
dz £ 3 z
Avrvb = 8 Av-a t 5.11
Fick’s law is assumed;
■J = D,
a c  
a z 5.12
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By substituting Equation (5.12) into Equation (5.11) and knowing that Av = AAz, the final 
expression is derived. In the limit as Az —> 0 Equation (5.11) is reduced to:
e  —
31 5.13
The boundary conditions for Equation (5.13) are as follows:
C(z,0) = 0, for 0 < z < H (at time t = 0, the gas concentration in the filter cake is 0);
C(z,0) = C(H,0), for z = H;
u o (Q  - C(H,t)) = £Dz(3C/3z)z = H (mass transfer from the bulk gas to the surface of the 
cake supplies the amount of gas diffusing into the cake from the surface);
(3C/3z)z=o = 0 (this is a standard definition to describe a system which is symmetrical); 
(3H/3t) = Qc and H(0) = Ho
where Qc, the rate at which the cake is being thickened, is determined by the rate of arrival 
of sorbent and dust particles:
n w s /pP5+ w d/p
Qc= 1 - e  U° 5.14
Ws is the mass concentration of sorbent particles. ppd and pj* are the densities of the dust 
and sorbent particles respectively.
Both the forward and reverse reactions are first order with respect to the concentration of 
the gas at the reaction surface. For the general case (Equation 5.6), the specific reaction 
rate based on a unit area of surface is expressed by:
^  9 2CE ^ T T + u3 z
3 C
0 3 z f vb =
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rA — k sCA k_sCPg — k s^CA (k_s / ks)CPg)
5.15
At equilibrium, rA = 0, thus:
k rV^Pg ) 5.16
where the subscript ‘e’ is used to denote the equilibrium state. For HC1 sorption as 
represented by reactions (5.1 - 5.3), CPg = (Cpg)e since H2O and C 0 2 are usually present in 
flue gases at a content far in excess of the content of HC1. Inserting Equation (5.16) into 
(5.15) gives:
where CA and Ce represent the actual gas concentration and the equilibrium concentration 
at the reaction surface, respectively. The value of Ce is a function of temperature and can 
be calculated from the equilibrium constant. The reaction rate is proportional to the area of 
the reaction surface. To determine rVb, the reaction interfacial area per unit volume of the 
bed, AVb, must be known. The grain model is adopted to determine the value of AVb-
Consider a particle in the fixed-bed (filter cake), as shown in Figure 5-vi, and perform a 
mass balance on a differential shell at a distance of R from the centre of the particle:
r A “  ^ S ( C A C e ) 5.17
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=  0
R + AR
Figure 5-vi Mass Balance on a Sorbent Particle.
c ,
Input -  Output -  Re action = Accumulation 5.18
a (a j | r a r )
3 R
a c ,-  A AR r = 8  A AR —— 
^  3 1 5.19
where A is the surface area of the differential spherical shell, Ci is the concentration of 
reaction gas in intraparticle pores, AR is the thickness of the differential element, ryp is the 
reaction rate based on a unit volume of sorbent particles and ex is the porosity of the 
sorbent particles. Porosity is not shown in the first term because when Fick’s Law is 
assumed, the effective diffusion coefficient takes it into account. Expanding gives:
71
— f 47t R2 D f AR1 -  4k R 2 AR r = ex 4% R2 AR ^9 R ^ 9 R J vp x g t
5.20
Equation (5.20) can be simplified to:
d  Cj 1 d
3t  R2 a R R 2D ef
9 C, 
9 R vp 5.21
with the boundary conditions:
Ci(R,z,0) = 0 
Ci(Rp,z,t) = Cs(z,t)
(aci/aR)R=0= o
Def(aCi/aR)R=Rp = kg{C(z,t) - Cs(z,t)}
‘z’ is the length coordinate through the filter cake thickness, Rp is the particle radius and kg
the external mass transfer coefficient. The value of Def is dependent on tortuosity (xt),
molecular and Knudsen diffusion coefficients (Dm and Dk), and particle porosity. The
%
additive relationship between De, Dk and Dm is known as the Bosanquet formula , and is 
derived from the Stefan-Maxwell equations for equimolar counterdiffusion (Froment and 
Bischoff, 1979):
D = —
‘  T.
1 14----
D
-i
v\ m k y 5.22
A method provided by Reid et al. (1977) is used to calculate the molecular diffusion
coefficient, and the Knudsen diffusion coefficient is estimated based on the ‘dusty gas
model’ (Mason and Malinauskas, 1983). The treatment of diffusion in this model is much 
^ 7W effect\/e  csefpcronb co^slsks jj- Hjl  pxmljel c f
o .a / piJccal<^r ck (fas ten (*5 t t w o  & - 22~) o* ; H 4 .
fO>*- s^e. asA. +U. MB.it* of fAa. OAa
72<3-0 ^V<. t tha.fi ib. o-hhe-r
more elaborate than the simple momentum-transfer arguments used in basic gas transport 
phenomena. The influence of the structure of the medium on gas diffusion is usually 
absorbed into the transport coefficients and into constants of proportionality. Ko is the 
Knudsen flow parameter and is simply related to the geometry of the medium. For a long 
circular capillary of radius r, for example, Ko = r/2. However, for a real porous medium the 
relationship is more complicated and the ‘dusty gas ‘ model provides a more accurate and 
elaborate relationship for Kq.
The variations of the above parameters with sorbent conversion due to the difference in 
molar volumes between the sorbent and the product are considered in the model.
where ep is the initial porosity of the sorbent, Vn* and Vmp are the molar volumes of the 
solid sorbent and product respectively. According to the grain model, the degree of local
i
3^7cM a ) 5.23
where
5.24
and
n 3(1~ SP}
d 3
5.25
ex=ep+( l -ePXl-Vmp/Vmb)x 5.26
conversion (X) within a sorbent particle is defined by the extent of conversion of the grains 
at that position:
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r3
X = l — v
re 5.27
The grain model assumes that reaction occurs at the surface of the unreacted cores of the 
grains. According to Equation (5.17), the reaction rate per unit volume of particles is 
expressed as:
rvp = -^ cp ks (Cc — Ce) 5.28
where Cc represents the reactant gas concentration at the surface of the unreacted core in a 
grain. The reaction interfacial area per unit volume of sorbent particles, AcP, is given by:
A c p = 3 ( 1 - e p ) 4
* 5.29
The reaction rate per unit volume of bed, rVb, is calculated from the averaged values of rvp, 
the reaction rate per unit volume of sorbent particles:
rvb= n Jv rvP dv
5.30
where n is the number of sorbent particles per unit volume of the filter cake: 
_ .3 ( l - s ) ( l - F 1) ,
47tRp 5.31
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Combining Equations (5.28), (5.29), (5.30) and (5.31), the expression for rVb is obtained:
9 ( l - £ ) ( l - F 1) ( l - e p)k, fR
l vbr.,u = J0R'(C c - C e)rc2 R2 dR
r^*Rp  ^ 5.32
The gas concentration at the surface of the unreacted core of a grain, Cc, can be 
determined by carrying out a mass balance within the product shell outside the unreacted 
core:
3 C2 1 3
£s^ r " 7 3 7
=  0
5.33
with the following boundary conditions:
C2(r,R,z,0) = 0 
C2(r„R,z,t) =
Ds(3C2/3r) r=rc — ks {(Cc(R,Z,t) - Ce)}
where C2, Cc and Ce are the gas concentrations in the product layer, at the unreacted core 
and the equilibrium concentration respectively. Ds is the coefficient of the solid state 
diffusion through the product layer, es is the porosity of the reaction product and rt is the 
total radius of a grain, allowing for change in volume on reaction, and is defined as:
Inserting Equations (5.26) and (5.27) into Equation (5.34):
f - \ 1/3
1 - e .
rt =
v* £ p J 5.35
rg, the grain radius, is calculated from the specific surface area of the particles.
By applying a pseudo-steady state approximation to Equation (5.33) and integrating from 
rt to rc, the current radius of the unreacted core, (Cc - Ce) is expressed explicitly as:
c - c  =
D s + k src( l - r c /r t) 5 3 6
The preceding equations were solved numerically to give the breakthrough concentrations 
for the reactant gases. The experimental results were then compared to those predicted by 
the model to determine the validity of the fitted parameters.
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6. Areas of Research
6.1 Sulphation Investigations
The reactions between acidic sulphurous gases such as hydrogen sulphide and sulphur 
dioxide with dry calcium sorbents have been well documented because of the need for an 
economic and relatively simple system for flue gas desulphurisation (Borgwardt and Bruce, 
1986; Dam-Johansen and 0stergaard, 1991a; Dam-Johansen and 0stergaard, 1991b; Dam- 
Johansen and 0stergaard, 1991c; Dam-Johansen et al., 1991; Elerup et al., 1993; Hajaligol 
et al., 1988; Hartman and Coughlin, 1974; Hartman and Coughlin, 1976; Hartman and 
Tmka, 1993; lisa and Hupa, 1990; Krishnan and Sotirchos, 1994a; Krishnan and 
Sotirchos, 1994b; Marsh and Ulrichson, 1985; Simons and Garman, 1986 and Snow et al., 
1988). Similarities can be drawn between these gas-solid reaction systems and those of 
hydrogen chloride gas with similar dry sorbents.
In the majority of the above studies, depending on the 
operating temperature range of the application of 
interest, CaC03 is calcined at around 873 K or 
Ca(OH)2 is dehydrated at about 673 K to form CaO.
This is because the nascent CaO has a much more 
open and porous structure than either of the parent 
compounds, hence it has a higher internal surface area
for reaction with the acid gases. Table 6-A: Molar volumes of calcium
compounds.
In the case of S 0 2 sorption with diy calcium compounds, calcium sulphate (CaS0 4 ) is 
formed as the product. It can be seen in Table 6-A that the formation of CaS04  can result 
in significant volume changes in the course of reaction and can have a pronounced 
influence on the reaction. The development of a voluminous product layer leads to the 
blockage of pores and hence results in the decrease of reaction rate (Borgwardt et al.,
Compounds Molar Volume 
cm3mor1
CaCl2 51.6
CaC03 36.9
CaO 16.9
Ca(OH)2 33.7
CaS04 46.0
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1984; Dam-Johansen and 0stergaard, 1991a; Peukert and Loffler, 1993b). This also 
applies to the reaction between calcium compounds and HC1 gas to form CaCl2.
It is interesting to note that CaS04 formed from the direct sulphation of CaC03 is much 
more porous than that formed from the sulphation of CaO (Hajaligol et al., 1988; Snow et 
al., 1988). This is due to the generation and escape through the product layer of C 02 gas; 
hence the resultant product layer diffusion coefficients are higher than those found in 
CaO/S02 systems.
6.1.1 Rate Controlling Mechanisms
Early investigations led researchers to believe the sulphation of CaO was controlled by 
chemical reaction (Borgwardt, 1970), while different features of the same data were 
interpreted by others as evidence that the reaction is controlled by either diffusion of the 
reactive gas through the product layer on the CaO grains that comprise the interior of the 
particles (Pigford and Sliger, 1973) or combinations of diffusion and chemical reaction on 
the grains (Bhatia and Perlmutter, 1981). More recently ionic diffusion has been suggested 
as the fundamental rate limiting process, rather than S 02 diffusion or chemical reaction 
(Hartman and Tmka, 1980; Bhatia and Perlmutter, 1983; Borgwardt and Bruce, 1986). 
Hsia et al. (1993) showed for the reaction between CaO and S 02 that diffusion of Ca4* and 
0 = ions through the solid CaS04 product layer was rate controlling; however, it must be 
noted that they used an extremely high reaction temperature (1573 K) which may have 
enhanced their findings.
Overall it is still unclear whether solid state ionic diffusion or diffusion of gaseous S 0 2 
through the solid product layer is the controlling diffusion mechanism. Most researchers 
are satisfied with the description ‘diffusion through the product layer’ as the derived 
diffusivity coefficients fit their models regardless of the actual mechanism (Alvfors and 
Svedberg, 1992; Dam-Johansen et al., 1991c).
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6.2 Hydrogen Chloride Investigations
The overall reaction rate for reactions between HC1 and calcium compounds can be 
controlled by chemical reaction or by diffusion through the solid product layer; hence the 
relative values of the chemical reaction rate constant, ks, and the diffusion coefficient for 
the product layer, Ds, are important parameters. Some values for these are available in the 
literature and are reviewed.
6.2.1 Review of Kinetic and Transport Data
Uchida et al. (1979) studied the reaction between HC1 and CaC03. They found the
reaction rate was controlled by chemical reaction at temperatures below 673 K and by
diffusion through the product layer at temperatures above 773 K; at these higher
temperatures CaC03 would begin to calcine, hence CaO was the actual solid sorbent
reacting with the HC1 gas. Peukert and Loffler (1993b) reported for this reaction the
influence of ks on sorbent conversion is small and restricted to short reaction times, so
diffusion through the product layer is rate controlling within their investigation
temperature range of 773 to 973 K. Again steps were not taken to prevent the calcination 
¥reaction, so CaO was the actual solid reactant species.
¥ Co-O jpro<5UxCG^ l Gtf'f C < < 5  porx)LC5 cw\<f ^  .
Weinell et al. (1992) suggested that diffusion through the product layer is the rate 
controlling step for the reaction between HC1 and Ca(OH)2 at temperatures from 373 to 
523 K. Their calculated diffusion coefficients are in the range 10'12 to 10‘13 m2 s’1 and are 
consistent with typical values (Duo et al., 1993; Peukert and Loffler, 1993). However, 
their corresponding diffusion activation energies are much lower than the reaction 
activation energies reported by other researchers (see Table 6-B); if these values are 
compared literally, then reaction control should be the limiting step at low temperatures 
rather than diffusion through the product layer.
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Mura and Lallai (1992) calculated 
the reaction activation energy as 
45 kJ mol'1 for the reaction between 
CaO and HC1 in the temperature 
range from 473 to 873 K. This value 
was then used in a grain model to fit 
the experimental data. Solid 
diffusivity was the adjusted 
parameter from which the value of 
the diffusion activation energy was 
calculated to be 37 kJ mol'1. The 
authors did not propose a limiting 
step, but from the calculated 
activation energies, diffusion Table 6-B: Diffusion and reaction activation energies of 
through the product layer would be Ca-compounds/HCl reactions.
controlling at low temperatures.
Daoudi and Walters (1992) report for this reaction that chemical reaction is the rate 
limiting step at 890 K, changing to diffusion through the product layer at 800 K. Gullett et 
al. (1992) agreed that product layer diffusion is limiting at low temperatures for this 
reaction system (423 to 623 K).
By simulation Duo et al. (1993) predicted that the rate controlling step for the reaction 
between HC1 and CaO at 800 K is chemical reaction, and diffusion through the product 
layer at lower temperatures. They suggested that the reaction rate constant per unit surface 
area, ks, and the coefficient of solid state diffusion through the product layer, Ds, are 
kinetically the most important parameters for the gas-solid reactions in dry scrubbing. 
Depending on the values for ks and Ds the overall rate may be controlled by chemical 
reaction or by diffusion through the product layer. HC1 sorption is shown to be sensitive to
Activation Energy
Author Sorbent Reaction 
kJ mol*1
Diffusion 
kJ mol*1
Daoudi & Walters 
1991b
CaO
(Calcined)
22.8
Gullett et al. 
1992
C ol O 28.1
Mura & Lallai 
1992
CaO 45 37
Peukert & Loffler 
1993
CaO
(Calcined)
122
Uchidaetal.
1979
CaC03 30.5
@ 673 K
Weinell et al. 
1992
Ca(OH)2 1 0 - 1 5
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the variation of ks when ks is less than 10'4 m s’1, and when Ds is less than 10'11 m2 s’1. 
Values for these parameters vary greatly: ks from 10'4 (Daoudi and Walters, 1991a) to 
0.2 m s'1 (Peukert and Loffler, 1993b) and Ds from 10‘13 (Weinell et al., 1992) to 10‘8 m V 1 
(Uchida et al., 1979).
The solid product from all the aforementioned reactions is generally accepted to be 
calcium chloride, CaCL. The values for Ds should therefore be the same unless the 
structure of the product layer varies with the reaction system. However, the above values 
are generated by different methods using different reactants. Thus a firm conclusion cannot 
be drawn in this regard.
All the above studies were focused on finding the rate limiting step for the whole process 
of reaction. Duo et al. (1995) considered the possible alteration of the rate limiting step 
with the progress of the reaction. They suggested that the overall rate in the early stages of 
reactions may not be controlled by product layer diffusion because a continuous product 
layer has not formed at short times. When a significant conversion of the solid reactant has 
been reached, diffusion through the product layer may be expected to overtake chemical 
reaction as the rate limiting step. By analysing the data of Weinell et al. (1992) they found 
that the initial rate is indeed controlled by chemical reaction and the overall rate in the later 
period of reaction is controlled by product layer diffusion. Duo et al. (1995) proposed a 
“crystallisation and fracture” model to explain thermodynamically the reason for the 
maximum conversion of sorbent and the change of the rate limiting process as reaction 
progresses. They conclude the rate limiting process is as follows: initially chemical reaction 
control , then there is a transition period where a combination of chemical reaction and 
product layer diffusion control are present, followed by wholly product layer diffusion 
control and finally chemical reaction control at the very end.
Although Uchida et al. (1979) showed that chemical reaction is the rate controlling step at 
temperatures below 673 K and product layer diffusion to be controlling at higher
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temperatures (CaC03/HCl), the general consensus for the other systems is the reverse. It is 
thus concluded that for CaO/HCl and Ca(OH)2/HCl systems, diffusion through the product 
layer is rate limiting at temperatures below 800 K and 500 K respectively, and chemical 
reaction is rate limiting at higher temperatures.
6.3 Dry Scrubbing Sorbents
Fundamental investigations for the sorption of HC1 have been made with various sorbents, 
particular attention being paid to calcium and sodium-based compounds. Presently, the 
majority of industrial facilities use calcium-based compounds for acid gas abatement; this is 
mainly due to their cheaper cost over the sodium-based sorbents. This predilection has 
been reflected in the research performed with dry scrubbing sorbents.
6.3.1 HC1 Reactions with Sodium Compounds
Fellows and Pilat (1990) studied HC1 sorption with thermally decomposed sodium 
bicarbonate (NaHC03) using a fixed-bed reactor. They found the reaction rate increases 
with temperature in the range from 225 to 455 °F (380 to 508 K). Particle diameter (10, 
45 and 163 pm), superficial gas velocity (5.6 and 10.7 cm s’1 at reactor conditions, 463 K), 
and inlet HC1 gas concentration (415 and 760 ppm in nitrogen at 408 and 508 K) were 
found to have a weak influence on the reaction. Percentage of sorbent conversion were not 
reported by them.
Akosman and Walters (1994a, 1994b) performed a thermogravimetric study on the 
thermal decomposition of sodium bicarbonate (NaHC03) and the reaction between HC1 
and sodium carbonate (Na2C 03). NaHC03 particles with average diameters of 128 pm 
were thermally decomposed to Na2C 03, which has a greater pore volume than the 
bicarbonate, at four temperatures between 373 K and 473 K. They found that the
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conversion increased with temperature and that over 99 % conversion was obtained at 
373 K. The rate constant was found to obey the Arrhenius expression with an activation 
energy of 50 kJ mol'1 in the temperature range. The resultant Na2C 03 was reacted with 
HC1 at concentrations of 500 to 1150 ppm in the temperature range of 378 K to 473 K. 
The reaction was found to be weakly dependent on HC1 concentration and the conversion 
of Na2C 03 to NaCl increased with temperature from 30 % at 378 K to 80 % at 473 K.
From the limited data available it can be concluded for the reaction between HC1 and 
sodium carbonate (calcined from sodium bicarbonate) that the reaction rate increases with 
an increase in reaction temperature in the range 378 to 508 K. It is found that HC1 
concentration (415 to 1150 ppm) and sorbent particle diameter (10 to 163 pm) have only 
weak influences on the reaction rate.
6.3.2 HC1 Reactions with Calcium Compounds
6.3.2.1 Calcium Carbonate
The reaction of CaC03 with HC1 under differential conditions has been studied by Uchida 
et al. (1979), and Peukert and Loffler (1993b). The former investigators found the reaction 
to be first order with respect to HC1 concentration at temperatures below 773 K and the 
reaction rate increased with both increasing HC1 concentration and temperature. At 583 K 
hardly any sorption took place and at 773 K the sorbent conversion was 9 % for their 
0.274 mm particles. Peukert and Loffler (1993b) used 1.9 mm pellets and agglomerates of 
the same size made from 9.8 pm particles. The HC1 concentration was 1500 ppm and the 
temperature range was from 673 to 973 K. They found that at 773 K the pellet sorbent 
conversion was only 10 % whilst that of the agglomerate was over 90 %. They attributed 
this difference to the higher porosity of the agglomerates, 45 %, as opposed to that of the 
pellets, 9.5 %.
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63.2.2 Calcium Hydroxide
Fixed-bed reactor investigations on the reaction between HC1 and Ca(OH)2 have been 
made by various researchers (Karlsson et al., 1981; Verbeek et al., 1987; Schmal et al., 
1989; Jozewicz et al., 1990). Karlsson et al. (1981) found the reaction to be first order 
with respect to HC1 concentration at temperatures between 423 and 673 K, and in 
reactions with a HC1 concentration of 630 ppm, sorbent conversions of 14 % and 47 % 
were achieved at these temperatures respectively. Due to the common practice of 
humidifying a flue gas stream in a spray drier fed with a lime slurry followed by a fabric 
filter for particulate removal, Jozewicz et al. (1990) studied the influence of relative 
humidity upon this system and found the reactivity to increase with decreasing approach to 
saturation. In a typical gaseous stream from a municipal solid waste incinerator, other 
contaminants such as NO and S 02 are also present with HC1. In comparative tests for 
reaction, the reactivity of Ca(OH)2 with HC1 was an order of magnitude higher than that 
with S 02 and two orders of magnitude higher than NO. In a gas mixture of HC1 and S 0 2, 
the reaction between HC1 and Ca(OH)2 was not inhibited in any way whilst that for S 0 2 
was enhanced slightly at approach to saturation temperature of less than 60 K. No 
explanation was given for the reaction behaviour of HC1 in the gas mixture; however, it is 
postulated that the deliquescent product of the Ca(OH)2/HCl reaction might have 
subsequently promoted reactivity of Ca(OH)2 with S 02.
6.3.2.3 Calcium Oxide
Bandt et al. (1991) studied the kinetics of HC1 reacting with calcined limestone and 
dolomite using a differential reactor. The HC1 concentration was varied from 400 to 1200 
ppm and the temperature from 500 to 1300 K. They assumed a two-step process for the 
reaction where a product layer of calcium chloride is formed in a relatively fast first step. 
In the second step, the rate of the gas-solid reaction is determined by the diffusion velocity 
of the HC1 molecules through the product layer. An extension of this work was carried out
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(Bandt et al., 1992) and the product layer was found to form within 0.75 s at a 
temperature of 300 K and less than 0.1 s at temperatures greater than 580 K. In similar 
studies the reaction rate was found to increase with both HC1 concentration and 
temperature (Uchida et al., 1979).
Daoudi and Walters (1991a; 1991b) used thermogravimetric means to determine the 
kinetic parameters of HC1 reacting with calcined limestone and also the effects of particle 
size. Reaction temperatures in the range of 583 to 943 K and HC1 concentrations of 0.5 to 
5.0 mol % were used with calcined 45 pm mesh calcium carbonate particles. Gas phase 
mass transfer effects were minimised in the absence of internal diffusion; the reaction was 
found to be first order with respect to HC1 concentration. The activation energy for the 
reaction was found to be around 22 kJ mol"1. For particles from less than 10 to 725 pm in 
diameter, but with similar surface areas (-13 m2g'1), it was found that diffusional resistance 
increased with increase in particle size. The sorbent conversion increased from 45 % at 
748 K to over 90 % at 873 K; thereafter conversion decreases with increase in 
temperature, due to sintering. The HC1 concentration range investigated is atypical of 
those found in waste incinerator off-gases; for a more pragmatic study, the HC1 
concentration should be from 0 to 1000 ppm.
Gullett et al. (1992) investigated the kinetics of the reaction between HC1 and CaO under 
conditions which minimised bulk mass transfer and pore diffusion limitations. The 
reactivity data from 0.1 to 1 s exposure to 5000 ppm HC1 in a fixed bed reactor were 
analysed with a shrinking core model; in the temperature range of 150 to 350 °C (423 to 
623 K), the reaction is controlled by gaseous diffusion through the developing product 
layer. They found that the reaction rate is greatly increased when nitrogen is replaced by 
helium as the process carrier gas, thereby increasing the diffusivity of the HC1. The 
apparent reaction activation energy is about 28.1 kJ mol'1, and the reaction is found to be 
first order with respect to HC1 concentration. Scanning electron microscopy (SEM) 
analysis of the CaO sorbents shows that they are agglomerated submicrometre spherical
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particles with grain sizes of around 0.2 pm. It also showed that the grains of the sorbent 
particles react non-uniformly, resulting in considerable variations in morphologies and 
Ca/Cl ratios across the particle surface. A reacted particle is shown to have two distinct 
morphologies. One area appears crystalline whilst the other retains the essential granular 
features of an unreacted particle. X-ray dispersive spectroscopy (XDS) analysis of Cl/Ca 
atomic ratios in these two regions shows that the more crystalline part has a Cl/Ca ratio of 
0.77 (-38 % conversion of CaCl2) and the more granular area has a Cl/Ca ratio of 0.24 
(-12 % conversion).
Weinell et al. (1992) used a fixed-bed reaction system, similar to that used by Dam- 
Johansen and 0stergaard (1991) for their sulphation studies, to investigate the reaction 
between Ca(OH)2 and HC1 at a concentration of 1000 ppm. They reported that there was 
no dependence of reaction rate for particles of different diameters from 2.1 to 115 pm, but 
with similar specific surface area. They investigated the effect of the internal pore surface 
area (Brunauer, Emmett and Teller or BET) on sorbent conversion and found that there is 
very little difference for sorbent particles with BET areas from 8.8 to 19.7 m2g'1, although 
particles with BET areas less than 12 m2g_1 tend to have lower conversions. At 
temperatures below 423 K the sorbent conversion in the absence of H20  is less than 10 %, 
but it increases rapidly with H20  concentration; at around 373 K and 15 % H20 , full 
conversion is approached. At temperatures greater than 473 K the reaction becomes 
independent of H20  content. They suggest the H20  enhanced reaction was due to the 
formation of a saturated aqueous phase which breaks up the crystal lattice of the lime 
reactant and thereby exposes a larger fraction of the lime for reaction. The sorption 
capacity in the absence of H20  increases with temperature and a final conversion of over 
90 % is possible at 873 K; thereafter the percentage of conversion decreases with 
temperature because of the reversal of the HC1 adsorption reaction. The authors applied 
similar techniques to Gullett et al. (1992) on the particles using energy-dispersive X-ray 
analysis. They reported a homogeneous conversion with an even distribution of chloride in 
the final conversion state, as well as for particles at intermediate levels of conversion.
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However, the actual variation of chloride content on the particle was from 10 to 20 % at 
353 K and from 5 to 15 % at 473 K. These values do not indicate a true homogeneous 
reaction, nevertheless they do indicate that it is a fair assumption to use an homogeneous 
model to predict this gas-solid reaction. From the above review, it can be concluded that 
the reaction of HC1 with calcium compounds are first order and the reaction rates increase 
with increasing HC1 concentration and reaction temperature. Table 6-C gives a summary 
of the reviewed literature.
Authors
Year
HC1
Concentration
Sorbent
Reactor Type 
Flowrates
Temperature, 
and Sorbent 
Conversion
Comments
Akosman and
Walters
1994
500-1150 ppm 
Na3C 0 3 128pm
Thermogravimetric 
11 min'1
80% @ 473K 
65% @ 418K 
30% @ 378K
Conversion is weakly dependent on HC1 conc., more so 
with temperature.
Bandt et al. 
1991
400-1200 ppm
Limestone 
Dolomite 
0.315-0.355 mm
Pneumatic Transport 500-1300 K Two step reaction mechanism; a thin product layer is 
formed in a fast reaction step followed by diffusion of gas 
through this product layer.
Bandt et al. 
1992
1000 ppm 
Dolomite
Pneumatic Transport 300 & 580 K Product layer is formed within 0.75 s @ 300 K and within 
0.1 s @ 580 K
Bradshaw et al. 
1989
< 138 - 6900 ppm 
Lime
212-425 pm
Fluidised bed 
bed depth = 20 cm 
6.8 cm s'1
813 K Acid gas removal is found to be independent of gas 
concentration.
@ 700 K removal = 8.8%
@ 813 K removal = 79.9%
Daoudi and Walters 
1991a
0.5 - 5 mol%
Calcined CaC03 
45 pm mesh
Thermogravimetric 
500 - 2000 cm3 min'1
583 - 943 K 
45% @ 748K 
90% @ 838K 
>90% @ 873K 
60% @ 923K
The reaction is first order with respect to HC1 conc.. The 
activation energy is 22000 J mol'1, which relates to those 
reported by other authors. Conversion increased with 
temperature due to a decrease in grain diffusion resistance, 
but @ 923 K sintering lowers the conversion.
Daoudi and Walters 
1991b
2.1 mol%
Calcined CaC03 
< 10-725 pm
Thermogravimetric 
2000 - 3000 cm3 min'1
583 - 923 K The activation energy is 22800 J mol'1. The conversion 
and rate of reaction increased with decreasing particle 
diameter (BET surface areas were similar for all particles, 
12.7 m3g'1.). An optimum reaction temperature is found to 
be = 873 K.
Fellows and Pilat 
1990
415 and 760 ppm
Thermally 
decomposed 
NaHC03 
10,45 & 163 pm
Fixed bed
cross sectional area of
5.1 cm3.
1.1 1 min'1 @ 293 K 
& 760 mm Hg
380-560 K HC1 sorption increased strongly with temperature in the 
380 to 508 K range, but only weakly dependent on 
particle, superficial gas velocity, and HC1 gas 
concentration.
Table 6-C: A summary of the reviewed data for the reaction between HC1 and calcium based sorbents.
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Authors
Year
HC1
Concentration
Sorbent
Reactor Type 
Flowrates
Temperature, 
and Sorbent 
Conversion
Comments
Gullett et al. 
1992
5000 ppm 
Calcined CaC03
Short time differential 
0.2 to 1.0 sec.
Under condi dons 
minimising bulk 
transport and pore 
diffusion limitations.
423 - 623 K The reaction is controlled by diffusion of gaseous HC1 
through the product. Activation energy is 28100 Jmol'1. 
The reaction is first order with respect to HC1 
conc..Reaction increases with temperature.
The effects of particle size and specific surface area are 
inconclusive. Grains are shown to react non-uniformly, 
hence large variations of Ca/Cl ratios across the particle 
surface.
Jozewicz et al. 
1990
1000 ppm 
Ca(OH)2
Fixed bed 
6 cm s'1
339- 450 K Reactivity increased with increasing relative humidity.
Jozewicz and Gullett 
1995
1000 ppm, 5 % 0 2.
Ca(OH)2 
X50.3 = 1.96pm 
CaO
x5o.3 = 4pm
Short-Time 
Differential Reactor. 
23 l(STP) m in1
373 - 873 K 
for 60 seconds
Reactivity increased with increasing temperature, the 
conversion for Ca(OH)2 was always higher than for CaO. 
The reaction products are a solid solution of CaCl2-2H20  
and CaClOH for Ca(OH)2 and only the CaClOH for CaO. 
Therefore true utilisation of calcium based sorbents in dry 
gas scrubbing are higher than those based on the 
assumption of a CaCl2H20  product.
Karlsson et al. 
1991
630 ppm 
Ca(OH)2
Fixed bed 
6 cm s'1
423 - 673 K 
14% @ 423K 
28% @ 523K 
47% @ 673K
The reaction is first order with respect to the reacting gas 
and is highly dependent on temperature.
Mura and Lallai 
1992
0.1 vol.%
a o
0.188 - 0.925 mm
Differential fixed 
bed; up to 1200 sec. 
60 cm s'1
473 - 873 K 
2% @ 473K 
14% @ 873K
Activation energy of the chemical kinetic constant was 
found to be 45 kJ mol’1 and 37 kJ mol'1 for solid 
diffusivity.
Peukert and Lfiffler 
1993
1500 ppm 
CaO
X5o.3 = 9.8pm 
d = 1.9 mm
Fixed-bed under 
differential and 
integral conditions.
673-973 K 
@ 773K: 
>90% pellets 
10% particle
The particle diameters of the fine powders used in the 
agglomerated pellets is a key parameter in solids 
conversion. Over 90% sorption of HC1 is achieved with 
pellets made from smaller diameters.
Uchida et al. 
1979
510,1030 
& 1930 ppm
C aO & C aC 03 
52/60 mesh 
(d = 0.274 mm)
Differential reactor 
1 cm s'1
473-1173 K 
0% @ 583K 
9% @ 673K
Reaction increased with HC1 concentration and 
temperature (marked increase @ T > 772 K).
It is first order with respect to HC1 @ T < 773 K. Rate of 
sorption changes from chemical control @T = 673 K to 
diffusion through product layer at higher temp.
Activation energy = 30.5 kJ mol'1 @ 673 K.
Def = 1.50 x 10A cm2 s '1 @ 773 K.
Weinell et al. 
1992
1000 ppm 
Ca(OH)2
dp= 2 .1-115 pm 
CaC03
dp = 850 1000 pm
Recycle 333 - 1273 K 
15% water:
100% @ 373K 
with water:
<10% @ 423K 
90% @ 873K 
decreases thereafter.
Sorption capacity is largest in the temperature range 773 - 
873 K and below 423 K with H20  present. @ T > 873 K 
sorption is limited by chemical equilibrium Sorption is 
independent of particle size and is slightly influenced by 
the BET area. Solid state diffusion is rate controlling with 
a diffusion activation energy of 10 -15  kJ mol.'1.
Table 6-C a: A summary of the reviewed data for the reaction between HC1 and calcium based sorbents.
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7. Single-Cycle High Temperature Dry Scrubbing Apparatus
The kinetics of dry scrubbing of HC1 gas have been investigated at laboratory-scale level 
using thermogravimetric reactors (Akosman and Walters, 1994; Daoudi and Walters, 
1991b), which provide continuous monitoring of the change in weight of the dry sorbent, 
and fixed-bed reactors which can be operated at differential or integral conditions (Fellows 
and Pilat, 1990; Jozewicz et al., 1990; Karlsson et al., 1991; Mura and Lallai, 1992; 
Peukert and Loffler, 1993b; Uchida et al., 1979; Weinell et al., 1992). To obtain a more 
acute understanding of the whole process of dry sorbent injection followed by filtration, it 
is necessary to perform a more realistic study on a laboratory-scale dry scrubbing system. 
Literature data are not available in this respect even though full-scale facilities are being 
commissioned (Heap, 1993), hence a test rig needed to be built to supply them.
In the design of the test rig certain criteria must be satisfied:
• it has to operate at various HC1 gas concentrations and flows without fluctuations;
• it has to have a means of injecting different, but constant amounts of dust and sorbent 
into the HC1 gas stream;
• it has to operate at a range of constant temperatures;
• it must have an on-line analyser for HC1 concentrations;
• most importantly it must be experimentally safe and can tolerate the process conditions.
A single-cycle test rig, shown in Figure 7-i, with lime injection to scrub HC1 has been 
designed for experimental investigations. Fibrous ceramic coupons are used as the filter 
medium. Previous research by Cheung et al. (1988) has shown their filtration behaviour to 
be representative of actual candles used in industry. HC1 is a corrosive gas; to minimise 
unwanted reactions between it and the materials of construction for the rig, where 
possible, chemically inert materials are used.
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Compressed Air
Dust Soibent,
Vent
Massflow Controller Controller
Insulation
Purge
Furnace
pH AnalyserHCl +  Nitrogen Carrier Ceramic Filter
Furnace Controller
Insulation
Vent
Quartz Reactor
Vent
Water BathVent
Water +  Indicator
Sampling Bottle
Water +  Indicator NaOH +  Indicator
Figure 7-i: Schematic of the high temperature dry sorbent injection scrubbing rig.
Compressed air from a 6 barg. supply is regulated to 1.5 barg. by Norgren BIO 
filter/regulators. The air supply is used to transport pneumatically dust and sorbent 
particles from the dust feeders, the flow rates of which are controlled by Platon RTV 
rotameters. HCl gas from a cylinder is regulated by a mass flow controller into the dust 
stream.
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In the reactor the HCl gas reacts with the sorbent as it travels down towards the ceramic 
coupon. Dust and sorbent particles are filtered out and a filter cake builds up with time. In 
the event of blocked lines or regulator failures, a Norgren V-13 safety relief valve will 
actuate at a set point of 1.5 barg.
The gas stream is bubbled, via diffusers, through a solution of sodium hydroxide where 
any unreacted HCl is neutralised. It is then vented to atmosphere via a water scrubber to 
prevent sodium hydroxide misting. The flow rate is indicated by a Platon RT rotameter. A 
normally-open ASCO solenoid valve vents the system when experimental runs are 
complete; it is computer-linked with the HCl mass flow controller so that it can only open 
when the mass flow controller is shut.
A side stream is taken off from the reactor exhaust for analysis of unreacted HCl gas; the 
flow rate is controlled by a Platon RTV rotameter through an ASCO normally-closed 
solenoid valve into a sample bottle filled with a slightly acidic solution. This allows the pH 
to respond faster than if it was in distilled water only. The sample is vented to atmosphere 
via a water scrubber to prevent acid misting.
A computer fitted with a DAS 1602 Analog Input Board and an Expansion32 Board is 
used to collect the data from the following points: the differential pressure cell transmitter, 
all other pressure transmitters, the mass flow controller, all thermocouples and the pH 
analyser. It is also used to control the solenoid and mass flow valve actions. The computer 
control and data acquisition program is listed in Appendix A.
A detailed list of the equipment used with their specifications can be found in Appendix B; 
the addresses of the manufactures are also included.
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7.1 Dust Feed System
Wright Dust Feeder Mk2 Units are 
used to supply constant dust rates.
These units are improved versions 
of the original feeders designed by 
Wright in 1950. They retain the 
basic principles of the original 
version (Davies, 1985) but, with a 
much improved throughput of dust, 
due to modifications to the internal 
airways and jet assembly. A variable 
speed drive replaces the old 
mechanical cog drive thus 
permitting a more flexible control 
on the feed rates. A schematic of the 
feeder mechanism is shown in 
Figure 7-ii and a photograph of the actual dust feeders is shown in Figure 7-iii. The 
particles are contained within a brass tube (A), which is screwed into a brass cap (B). The 
latter is fitted with teeth on the periphery and has a central threaded hole. The cap and the 
tube are rotated by a long pinion (Q  driven by the wheel (D) through the smaller pinion 
(E). The spindle of D is a threaded tube (F) passing through cap B. The gear ratios are 
such that the cap makes six revolutions while the thread makes five so that, if the thread of 
F is 26 per cm, tube A makes 156 revolutions per cm of downward travel. The axle round 
which the tube F revolves is a tube (G) connected to the pressurised air source by the side 
tube (.H). Inside G is a smaller tube (/), which carries the scraper head (K) and 
communicates with the jet (L). The scraper head is a brass piston which fits closely in the 
tube A and has on its upper surface a spring disk (O). The latter has in it a radial cut with
1
Figure 7-ii: An illustration of the Wright dust feeder, taken 
from Davis (1985).
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disk being free so that it presses on the surface of the dust. On the periphery of the piston 
is a slot which communicates, via a channel on the surface of the piston, with the central 
hole communicating with the tube J. The channel is directly underneath the scraping edge 
of the spring disk. The air which enters at H travels up the space between the tubes G and 
/a n d  enters the cavity of tube A. As the scraper head is a close fit in A, the bulk of the air 
passes to the central hole via the slot and groove and so out via the tube J, carrying with it 
the dust scraped out by the scraper edge. The dust tends to be scraped up in relatively 
large aggregates, but it is passed through the inlet jet L and strikes the plate (M) before 
leaving the apparatus and is thereby almost completely dispersed.
With test material packed to within 8 mm of the container face, the working capacity is 
40 cm . The variable speed drive allows the dust container to rotate from 0.048 to 
0.750 rpm. For every rotation, the cylinder descends by 0.0125 mm.
i1 ws®
I:
■ • ‘*
Figure 7-iii: Picture of the motorised Wright dust feeders used in the experiments.
93
7.2 Hydrogen Chloride Dosing System
A 20 %vol. mixture of dry HCl with nitrogen gas as the diluent, supplied by BOC in a gas 
cylinder, is used for testing. The cylinder is fitted with a Spectrol 60N regulator. This is a 
chemically-deposited nickel-plated regulator with a Teflon coated stainless steel diaphragm 
for corrosion resistance and good sensitivity. It has a built in purge system to facilitate the 
thorough purging of lines and hence prolong its working life. It also has a captured bonnet 
vent which in the unlikely event of diaphragm failure will safely vent the hazardous gas to 
the caustic scrubber.
A Spectrol FLV-190 flow limit shut-off valve is fitted to the low pressure side of the 
regulator. It automatically shuts off all flow in the line when flow exceeds a pre-set level; 
this may be caused by leaks in the line or a flow controller failure.
Flow from the regulator passes to a Rosemount 5850E Thermal Mass Flow Controller 
which has a maximum flowrate of 0.4 1 min’1. Its accuracy is ± 1 % full scale including 
linearity measured at calibrated conditions; it has a repeatability of ± 0.25 % and it has a 
rangeability of 50 to 1. By controlling the flow rates of the compressed air used by the 
dust feeders via calibrated rotameters and measuring the differential pressure across them, 
it is possible to maintain a constant concentration of HCl with the mass flow controller.
7.3 Reactor System
Quartz is used as the reactor material as it is chemically inert and it can tolerate 
temperatures beyond the limits of borosilicate glass (<200 °C) and Pyrex (<400 °C). It 
consists of two components, the inner and outer sections, because this design allows the 
reactor to be assembled and dissembled regularly with relative ease. The inner section is a 
tube with one open end where the filter would be affixed and has an outer diameter (o.d.)
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of 135 mm with 2.7 mm thick walls; it is perforated with 6 mm o.d. holes at the side to 
allow the filtered gas stream to flow out towards the outer section and to the analysis 
system (Figure 7-iv). The holes are located on a helical pitch to minimise the stress on the 
quartz tube.
0155
0185o
135 o.d. x 2.7 wall
16 holes, 6 o.d., 
radial pitch 48°, 
lateral pitch 36.66
ON
Figure 7-iv: Design drawing of the inner section of the reactor.
95
The outer section is more complex and fragile. It consists of two parts. The top part, 
which is 500 mm long with an o.d. of 135 mm, is fused onto the bottom part which is 650 
mm long with an o.d. of 171 mm; both parts have 2.7 mm thick walls (Figure 7-v).
9 o.d. x 1.4 wall
3 x 6  o.d. x 1 wall 
set on 45 0 pitch
0  135 x 3 wall
150
3 x 6  o.d. x 1 wall 
set on 90° pitch
130
Filter
coupon
9 o.d. x 1.4 wall'
0  1' 1 x 3 wall
Figure 7-v: Design drawing of the outer section of the reactor.
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The internal diameter of the top part is equivalent to the flow area of the filter coupon, so 
when sorbent particles are introduced there should not be any dead zones at the filter. The 
two vertical 9 mm o.d. tubes are for the dust and sorbent streams respectively; the HCl gas 
stream is introduced from the dust tube.
The three horizontal 6 mm o.d. tubes set at 90° pitch and the other 6 mm o.d. tubes at the 
top of the reactor are for thermocouples and the rest are for pressure transducers. The 
reason the horizontal thermocouple tubes are set at 90° is to facilitate the assembly of the 
furnace around the reactor, it meant only one hole had to be drilled through the furnace to 
accommodate the central tube and others are located at the joints of the two half furnaces. 
All the above mentioned tubes are designed to be lengthy to ensure that the stainless steel 
pipe fittings at the end of each are sufficiently far away from the furnace to eliminate 
leakage problems due to differences in thermal expansion. The process gas exits at the 9 
mm o.d. tube at the bottom of the outer section.
A Foxboro 843DP Differential Pressure Cell Transmitter, with a measurement range of 
0 to 100 mbar, is used to measure the pressure drop across the filter during 
filtration/scrubbing. It has cobalt nickel wetted parts to protect its sensors from corrosive 
attack. An in-line filter is placed in the upstream line to prevent particles migrating towards 
the sensors.
Type k mineral insulated thermocouples supplied by Nulectrohms Limited are used to 
monitor the axial and radial temperature profiles in the reactor; they have Inconel 600 
sheaths to protect against corrosion.
To operate at a constant temperature during filtration/scrubbing, the reactor is placed 
within a Kanthal Fibrothal Split-Tube Furnace. The maximum working temperature of this 
furnace is over 1000 °C. It is insulated with extra ceramic matting around its exterior as an 
additional safeguard.
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Figure 7-vi: Photograph of dust being filtered.
Figure 7-vi shows that during filtration dust is only present upstream of the filter when the 
reactor is assembled, i.e. the filter is working efficiently and there is no by-pass around 
the filter. It can also be seen that slots are filed into the furnace pieces to accommodate the 
tubes protruding from the reactor.
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Figure 7-vii: The holding arrangement for the reactor and clamping mechanism.
The difficulties of holding the reactor vertically inside the furnace are two-fold:
• The holding bracket must be situated well away from the furnace to avoid thermal 
expansion which may lead to the reactor literally falling down and breaking.
• The bracket must be secured firmly to the support frame.
Figure 7-vii shows how the outer part of the reactor is permanently suspended inside the 
furnace by a clamping arrangement on the support frame. The two reactor pieces are 
pressed shut together by a flange and end-plate mechanism, and held together by six bolts 
on a 60° pitch. Aluminium was used for the bracket, flange and end-plate because it is 
relatively light and strong. Finally Figure 7tfii shows the assembled reactor inside the 
furnace with all instrumentation and piping attached. The dust feeders are situated directly 
above the reactor to minimise the loss of sorbent on the internal walls of the piping.
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Figure 7-viii: The assembled high temperature dry scrubbing rig.
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7.4 Hydrogen Chloride Detection System
For the present investigation it is desired 
to have a hydrogen chloride detection 
system which can give real-time 
measurements of the reactor outlet HCl 
concentration so that a continuous HCl 
scrubbing efficiency can be calculated.
7.4.1 HCl-Water System
Hydrogen chloride gas is readily soluble in 
water and the solution does not obey 
Henry’s Law at all concentrations. It can 
be seen from Figure 7-ix. (Webber, 1957) 
that over 90 % dissociation of HCl gas 
occurs in a solution of pH 1 and over 
95 % in a solution of pH 2. It has been 
shown that near to 100 % absorption of 
HCl gas can take place in solutions over 
the pH range 1 . 4 - 3  (Kyte et al., 1984). So if a suitable residence time and diffusion 
system is used in the sampling and scrubbing solutions then it can be safely assumed that 
all the HCl in the gas stream would dissociate into the liquids.
7.4.2 Ion Selective Electrodes
The term Ton Selective Electrodes’ is applied to a range of membrane electrodes which 
respond selectively towards one (or several) ion species in the presence of others. The 
hydrogen ion-responsive electrode, or pH electrode, falls into this category.
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Figure 7-ix: Dissociation of HCl (Webber, 1957)
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pH Theory
pH is the unit of measurement of the acidity or alkalinity of a solution, and is expressed as 
the negative logarithm of the hydrogen ion concentration (Webber, 1957):
pH = -log (H +) 7.1
pHO is extremely acidic, pH 14 is extremely alkaline and pH 7 is neutral.
Measurement of pH and Ion Concentrations
To measure an ion concentration in a solution, a sensing and a reference electrode are 
needed. It is common for these to be incorporated into a single combination electrode 
(Geyer, 1995). In the case of hydrogen ion detection the sensing electrode has an internal 
buffer solution with a constant pH value, and develops a potential when placed in solution; 
this is caused by the activity of H+ in the solution. The reference electrode has a defined 
stable potential irrespective of the H+ activity in the sample. A suitable meter is then used 
to measure the resulting minute electrode voltages and these can then be converted into 
pH readings by using the Nemst equation (Covington, 1979):
where E is the measured potential, Eo is the standard potential, R is the gas constant, F is 
the Faraday constant, T is the temperature, n is the ionic charge and a* is the activity of the 
measured ion; it is related to concentration by:
where Ci is the concentration and y  is the activity coefficient of the measured ion.
E = E0 7.2
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It can be seen from Equation (7.2) that temperature changes will influence the electrode 
response. Another factor which can affect the electrode response is the ionic strength of 
the solution (the degree to which the molecules in a solution dissociate to form ions). So 
to minimise these effects, the initial sampling solution was acidified and it was maintained 
at a constant temperature by using a water bath.
7.4.3 Alternative HCl Detection Techniques
There are other techniques which can be used to detect HCl on-line, shown in Table 7-A. 
The major problem with the monitoring of HCl on-line is its high solubility in water (HMIP 
Technical Guidance Note M2).
The infrared techniques operate on the principle that some chemical compounds absorb 
energy in the infrared region of the electromagnetic spectrum to produce resonant 
molecular vibrations. These give rise to characteristic absorption spectra which may be 
used to identify the compounds. The degree of absorption depends on the concentration of 
the absorbing molecules in the beam path between the infrared source and the detector 
(Beer-Lambert Law) This then gives a means to determine the concentration of a specific 
component or component group. Due to the complexity of some infrared spectra, some 
overlapping of absorption bands may occur and therefore highly specific measurement 
wavelengths are selected using narrow bandwidth solid-state interference filters to avoid or 
minimise cross-interferences.
Ion chromatography and chemical titration can also be used to detect HCl, but they are not 
viable methods for continuous sampling.
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Detection Principle Interferences Comments
Extractive Non-Dispersive 
Infrared (NDIR) gas filter 
correlation.
Using a hot system
Water, Carbon 
dioxide and other 
IR absorbing 
components.
The gas filter correlation technique eliminates 
the effects of other components. The hot 
system allows the gases to be maintained at 
>185°C. This prevents water problems. The 
internals o f the analyser need to be made of an 
inert material (FITE).
Extractive NDIR gas filter 
correlation.
Using a dilutor system
Dust, H20 , C 0 2 
and IR absorbing 
components.
The gas filter correlation technique eliminates 
the effects of other components. The dilution 
system lowers the dew point so preventing 
problems with water. The internals of the 
analyser need to be made from an inert 
material (FITE).
Extractive Electrochem 
ion-selective electrode.
S 0 2, N 0 2, SO3,
n h 3, c o 2, h 2o
and Cl2.
This method has long response times and 
requires additional reagent additions. This 
technique is also very dependent on 
atmospheric pressure. It assumes that the 
chlorine present is due to the HCl and not free 
chlorine or from dissolved chlorides.
In-situ Infrared (fibre 
optic).
Dust, H20 , C 0 2 
and IR absorbing 
components.
Detection lim it only 15-20 mg m '3 at present 
which is dependent on path length. It is not a 
strictly continuous on-line method.
Table 7-A On-Line Analysis of Hydrogen Chloride (HMLP Technical Guidance Note M2).
The Infrared techniques are not considered because the high cost of the equipment 
precludes them from the project. This leaves pH and chloride ion detection as the analysis 
methods.
A Mettler Toledo M350 Ion Analyser with ELIT Chloride Ion Selective electrodes is used 
to validate the concentration of the HCl gas from the gas cylinder because of its relatively 
high measurement range of 1 to 3x1 O'5 M. To determine the amount of unscrubbed HCl in 
the sample stream a Mettler Toledo InLab415 pH electrode is used because it is more
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sensitive than the ion electrode at lower concentrations. Temperature variations cause 
change in the electrode slope, the temperature coefficient of the measured solution and the 
position of the electrode isothermal intersection. Therefore, to correlate between calibrated 
and measured readings, a water bath is used to heat the sample solutions to a constant 
temperature for all experiments.
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8. Experimental Work
The test rig has been used to simulate an industrial application but under a controlled 
environment. The intention is to provide information on dry injection scrubbing 
processes for removing acid gases from small and intermediate size facilities, e.g. for 
clinical waste incinerators.
The following investigations have been made using the rig:
1) The effect of temperature on the reaction between hydrogen chloride gas and
calcium hydroxide.
2) The effect of using different feeding strategies: batch, semi-batch and
continuous addition. This can provide valuable information to how facilities 
should be operated to enhance the overall sorbent utilisation.
3) The influence of process dust concentration on the efficiency of the dry
scrubbing. By introducing dust particles into the system as in a real application, 
the structural differences in the dust/sorbent filter cake can be investigated in 
relation to dry scrubbing.
4) The utilisation of sorbent on a bulk and a particulate level. The overall
conversion of the sorbent has been calculated by mass balance and on the 
particulate level, scanning electron microscopy and energy-dispersive X-ray 
analysis have been used for analysis.
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8.1 The Influence of Temperature
In initial experiments calcium hydroxide 
(Ca(OH)2), supplied by Buxton Lime 
Industries, was used as the dry sorbent 
to scrub hydrogen chloride gas at three 
different temperatures. The physical 
characteristics of the Ca(OH)2 are listed 
in Table 8-A and the reaction conditions 
are summarised in Table 8-B. In industry, Ca(OH)2 would be a viable dry sorbent at 
these conditions, as would sodium bicarbonate, although the latter is more expensive 
(see Section 4.4.1).
As mentioned in Chapter 7 the sorbent has to be made into a compact for the Wright 
Feeder. This was achieved via a load frame, building up the compact in successive thin 
layers. Even so the resulting compacts had different densities and for this reason and 
also due to internal fracturing of the compact during feeding it was not possible to dose 
the Ca(OH)2 equally in each experiment.
Continuous Feed Experiment 1 2 3
Temperature (K) 500 575 650
Ca(OH)2 Dosing Time (Min) 30 30 30
Filtration Velocity (ms'1) 0.063 0.075 0.082
Residence Time in Reactor (s) 7.9 6.7 6.1
HCl Concentration (ppmv) 930 930 930
Sorbent Feeder Speed (rpm) 0.72 0.72 0.72
Molar Ratio of Ca(OH)2 to HCl gas
O J "2>^ n/wt\
2.1 1.8 1.5
Mass of Ca(OH)2 used (g) 4.57 3.86 3.09
Moles of Ca(OH)2 used (mols) 0.062 0.052 0.042
Table 8-B: Experimental condition.
Physical Property
Purity of Calcium Hydroxide (%) > 9 5
Specific Gravity 2.3
Weight Median Diameter (pm) 10
BET Surface Area (m2 k g '1) 1 8 - 2 0  xlO3
Table 8-A: Physical properties of the calcium 
hydroxide used.
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8.1.1 Experimental Procedure
Each experiment began with the preparation of the filter coupon. This entailed cutting 
it to shape and also filing it to an uniform thickness. To direct the gas stream to flow 
through the filtration area of the filter coupon it was necessary to seal the sides of the 
filter coupon with high temperature cement. High temperature ceramic fibre gaskets 
were then fixed on top of and below the filter coupon; these served to minimise gas by­
pass around the filter coupon and also to protect the quartz reactor from any undue 
abrasion. Once the filter coupon was inside the reactor the system was sealed by 
clamping the two halves of the reactor together. Gas-tightness was tested by passing 
metered air through the system and into a calibrated rotameter.
When no leaks were detected, the furnace was switched on and the reactor was 
allowed to attain the desired experimental temperature. HCl gas was then introduced 
into the reactor via a mass flow meter and pressurised air was used to dilute it down to 
the desired experimental concentration. The reactor outlet gas was analysed by passing 
a sample stream into an absorber filled with distilled water. A pH probe was used to 
determine the time averaged accumulation of hydrogen ions within the solution. When 
these measurements corresponded with those calculated from the HCl mass flow meter 
it meant that the HCl was well mixed inside the reactor and that the Wright dust feeder 
could be started to dose Ca(OH)2 into the gas stream. At this juncture it should be 
noted that the time needed to get a corresponding HCl measurement varied from 
approximately 5 to 20 minutes. Logically it should depend on gas flow rate (gas mixing 
time) and the initial pH of the sampler solution (electrode response). However, even 
when conditions were the same (using the same ceramic filter coupon inside the reactor 
for several of these calibration runs) these times still varied; no further explanations can 
be proposed for this. After a period of 30 minutes the continuous addition of Ca(OH)2 
was halted and the resulting sorbent filter cake was allowed to react with the HCl gas 
stream until no further reaction could be detected.
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8.1.2 Results
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Figure 8-i: Comparison of accumulated H+ ion concentration in the absorber at different reactor
temperatures.
Figure 8-i shows the accumulation of hydrogen ions in the sampling absorber at the 3 
test temperatures. The straight line represents the amount of ions metered through the 
HCl mass flow meter. At the beginning and at the end of each experiment the pH meter 
curves are parallel to the mass flow meter line. This is indicative of the fact that during 
these periods no reaction occurred.
All the curves are coincident until an elapsed time of about 15 minutes, at which the 
Ca(OH)2 was added into the HCl gas stream for 30 minutes, after which the HCl was 
passed continuously through the sorbent filter cake until no further reaction occurred. 
Two features of the graph which are of interest are the period of reaction and also the 
difference between each experimental curve and the mass flow meter line. The first 
charateristic shows how long the Ca(OH)2 is active to the HCl gas at a given 
temperature; this can be used to help industrial predictions of the number of 
filtration/scrubbing cycles before the sorbent has to be replaced. The second
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characteristic gives the total amount of HCl scrubbed and hence the total utilisation of 
the Ca(OH)2.
It can be seen that at 500 K the curve turns upwards after 50 minutes; at 575 K this 
happens after 60 minutes and at 650 K this occurs after 80 minutes. The Ca(OH)2 
utilisation is lowest at 500 K, is higher at 575 K and is highest at 650 K. This means 
that for the scrubbing of HCl gas using Ca(OH)2 as the dry sorbent, high temperatures 
improve sorbent utilisation and consequently the useful life of the sorbent.
Figure 8-ii gives a detailed look into the relative scrubbing efficiencies of Ca(OH)2 at 
the 3 test temperatures. At 500 K the maximum scrubbing efficiency is 80 %, at 575 K 
this becomes over 90 % and at 650 K this approaches 100 %. However it should be 
noted that these maximums are reached after a full sorbent filter cake has been formed. 
During the Ca(OH)2 addition period all the efficiencies are below 90 % which means 
that the HCl would only have been scrubbed to about 90 ppmv. This is well above the 
required legislative limit of 30 ppmv. However, it must be remembered that y
sn industrial
applications higher ratios^are achieved by recycling semi-reacted sorbent.
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Figure 8-ii: Comparison of HCl removal efficiencies at different reactor temperatures.
110
70 --
60 --
■o 50- -
•3 40 - -
10 - -
550500 600450 650 700
Reaction Temperature (K)
Figure 8-iii: Conversion of calcium hydroxide to calcium chloride at different reactor temperatures. 
Figure 8-iii shows the percentage conversion of Ca(OH)2 to CaCl2 or utilisation. This 
assumes that only CaCl2 is formed during the reaction; recent studies (Jozewicz and 
Gullet, 1995) using a short-time differential reactor to contact 1000 ppmv HCl with 
Ca(OH)2 over the temperature range 373 - 873 K have identified a solid solution of 
CaCl2*2H20  and CaClOH as the product. Therefore, true utilisations of calcium based 
sorbents are higher than those based on the assumption of a CaCl2*H20  product. The 
conversion increases with temperature and the figures at 500 K and 575 K correspond 
well with those in the literature (Karlsson et al., 1981; Jozewicz and Gullet, 1995; 
Weinell et al., 1992).
However the conversion at 650 K is 79 % and is appreciably higher than the maximum 
of 55 % reported. It should be noted that micron sized Ca(OH)2 particles were used for 
this investigation whilst Karlsson et al. used millimetre sized particles. Although 
Jozewicz and Gullet used micron sized sorbent they operated a fast time reactor where 
reactions lasted for seconds. Weinell et al. also used comparably sized particles but for 
temperatures higher than 550 K they introduced water into their system.
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The sharp increase in the conversion of Ca(OH)2 at 650 K can be explained by the fact 
that thermodynamically the dehydration of Ca(OH)2 to CaO is favourable, this was 
verified experimentally by heating small samples of Ca(OH)2 in a shallow crucible 
within a laboratory furnace at 575 K and 650 K over a period of an hour and weighing 
them with passing time. At 575 K, a slight weight loss of under 2 % was detected after 
the first 15 minutes thereafter the weight remained constant. However at 650 K the 
weight loss over the same period was around 30 %; this value corresponds well with 
the hypothesis that dehydration of Ca(OH)2 to CaO occurred.
This indicates that CaO with a highly porous structure was also present to react with 
the HC1 gas. Balekdjian (1987) found CaO formed from Ca(OH)2 is more favourable 
for the sorption of HC1 because of fine pores with diameters below 40 nm. Figure 8-iv 
and 8-v shows scanning electron microscope (SEM) pictures of virgin and calcined 
Ca(OH)2 respectively; it can be seen that the calcined sample has a vast network of fine 
pores compared to the virgin sample.
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Figure 8-iv: Scanning electron micrograph of virgin Ca(OH)2.
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Figure 8-v: Scanning electron micrograph of dehydrated Ca(OH)2 .
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Figure 8-vi: Comparison of pressure drops across the Filter at different reactor temperatures.
Figure 8-vi shows the pressure drop across the filter is higher at higher temperatures 
and that it increases as a filter cake of Ca(OH)2 builds up. It is interesting to note that 
there is a slight increase in differential pressure (about 3 % of the total) after the
1 1 3
30 minutes dosing of Ca(OH)2. During this period only HC1 gas passed through the 
sorbent filter cake. As mentioned in Section 2.5 at low Reynolds’ numbers the pressure 
drop across a filter and filter cake can be predicted separately by Darcy’s Law which is 
the basis for the Carman-Kozeny correlation:
—  =  - 180— — 8.1
dl e3 d2„
where dP/dl is the pressure gradient, £ is the porosity, jx is the gas viscosity, U is the 
filtration velocity and dp is the particle diameter. Gas viscosity increases with increasing 
temperature; this means that the pressure drop at similar filtration velocities is 
inherently higher at higher temperatures. However, over the course of the 
filtration/reaction cycle the gas temperature remains constant. Therefore, the changes 
in pressure drops seen at the end of the experiments are not caused by changing gas 
viscosities. Assuming the change in thickness of the filter cake is negligible then the 
porosity and the particle diameter are the only other parameters which can affect the 
pressure drop across the filter. The pressure drop is approximately twice as sensitive to 
a change in porosity than to a change in particle diameter. A 1 % drop in the filter cake 
porosity or a 2 % drop in the particle diameter can easily account for the rise in 
pressure drop as the reaction progresses, but CaCl2 has a higher molecular volume than 
the Ca(OH)2 so the product particle size increases though not significantly because the 
majority of the reaction takes place within the pore spaces; the increase in molar 
volume only serves to block the pores and deny HC1 gas access to fresh reactant.
If the reaction product is indeed a solution of CaCl2*2H20  and CaClOH (Jozewicz and 
Gullet, 1995) then perhaps their formation somehow affects the cake structure.
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8.1.3 SEM Analysis
SEM analysis was performed on the reacted sorbents but due to the hydrophilic nature 
of CaCb it was not possible to obtain representative pictures. As soon as the samples 
were exposed to air they visibly absorbed water from the atmosphere. Even when the 
samples were prepared rapidly the resulting SEM photographs showed globular 
structures which resembled water droplets.
An alternative analysis method was tried where samples were encapsulated in resin, 
very thin slices were cut from the set blocks and then analysed. This technique broke 
down because the slices were usually floated on water for collection and due to the 
nature of the sample this was not possible in this case.
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8.2 Sorbent Feeding Strategies
For these experiments calcium carbonate (CaC03) whose physical properties are 
presented in Chapter 3, was chosen because CaC03 is a common sorbent used in 
industrial applications as it is the cheapest dry sorbent commercially available. The 
experimental procedures were the same as with Ca(OH)2 except for the sorbent used. 
For semi-batch feeding the CaC03 was dosed for 4 minutes into the reactor before the 
HC1 gas stream was initiated. For batch feeding the CaC03 filter cake was formed and 
left for 30 minutes before HC1 gas was introduced. Table 8-C gives a summaiy of the 
reaction conditions. Thermodynamically the calcination of CaC03 to CaO is possible at 
873 K(Uchidaetal., 1979).
Experiment Batch Semi Continuous
Temperature (K) 873 873 873
CaC03 Dosing Time (Min) 30 30 30
Filtration Velocity (m s'1) 0.11 0.11 0.11
Residence Time in Reactor (s) 4.5 4.5 4.5
HC1 Concentration (ppmv) 1200 1200 1200
Sorbent Feeder Speed (rpm) 0.87 0.87 0.86
Molar Ratio of CaC03 to HC1 gas
Qjes 20 vvuaaaaLi
2.7 2.8 2.7
Mass of CaC03 used (g) 10.03 10.32 9.92
Moles of CaC03 used (mols) 0.100 0.103 0.099
Utilisation of CaC03 (%) 65.9 72.2 58.1
Table 8-C: Experimental conditions.
However SEM micrographs of virgin CaC03 and CaC03 heated at 873 K show no 
discernible differences (Figures 8-vii and 8-viii respectively). Samples heated at 873 K 
also showed no weight loss over a period of an hour, hence only CaC03 is reacting 
with HC1 in the following experiments.
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Figure 8-viii: Scanning electron micrograph of CaC03  heated at 873 K.
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Figure 8-ix: Comparison of HC1 removal efficiency for different feeding strategies.
Figure 8-ix shows the relative scrubbing efficiency of each feeding strategy. For 
continuous sorbent feed the removal efficiency gradually increases with the build-up of 
the sorbent filter cake. Once the sorbent injection ceases it reaches a steady state at 
90% before dropping to zero at 150 minutes when the sorbent cannot react any 
longer. The initial efficiency for the batch run is maintained at 90 % before decreasing 
to zero at around 130 minutes. This is expected because HC1 gas was introduced 
through a fully formed sorbent filter cake; therefore the breakthrough would be low 
until the sorbent was exhausted and it was active for a shorter time than the continuous 
run because it was more reactive initially.
The semi-batch run behaved similarly to the batch in that high removal efficiency was 
maintained before declining once the sorbent became spent at about 150 minutes. 
Ideally the “apparent reaction time” for the semi-batch run should lie between the other 
two runs but it is longer than expected and consequently the conversion of CaCC>3 is 
higher than expected (see Table 8-C). This is because of an unavoidable time-lag in the 
pH monitoring system. As explained in Section 8.1.1, for the continuous addition of 
sorbent there was an undeterminable time lag before a HC1 measurement corresponding 
to the amount passed through the mass flow meter was recorded. This also applied to
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the other feeding strategies, but whereas the continuous experiments started at the 
known desired HC1 concentration, this was impossible for the batch and semi-batch 
experiments because once the sorbent filter cake had been formed then HC1 had to be 
introduced to initiate the experiment.
Table 8-C shows that the CaC03 conversion for the batch, semi-batch and continuous 
runs are 65.9 %, 72.2 % and 58.1 % respectively. Assuming that all the reactions are 
the same then the percentage conversion should be the same. Accepting that the pH 
measurement errors meant the calculated conversions were overpredictions for the 
batch and semi-batch runs then for all three strategies the experimental conversions are 
within a tolerable range of error.
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Figure 8-x: Comparison of pressure drop across the filter for different feeding strategies.
Figure 8-x shows the pressure drop profiles for the three different strategies. For 
continuous injection there is a slow increase until addition of sorbent is stopped. 
Thereafter the differential pressure across the filter drops slightly as the reaction 
proceeds. Semi-batch injection shows a steeper initial increase in differential pressure 
during the batch injection period, after which the profile is similar to that of continuous 
feeding.
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For batch injection the pressure increase during the formation of the sorbent filter cake 
is much higher than other two scenarios. Once the filter cake was formed it was left for 
30 minutes to see whether the structure changes at the reaction temperature. It can be 
seen that the pressure is steady during this period and decreases only when HC1 is 
introduced into the system. From this it can be surmised that the reaction between 
CaC03 and HC1 at the given conditions is rapid; hence the properties of the three filter 
cakes are different from each other. During batch injection a relatively dense CaC03 
filter cake is formed which then reacts with HC1 gas to produce CaCl2.
As mentioned before, the differential pressure across the filter cake is sensitive to 
voidage and particle diameter. The decrease in differential pressure during reaction can 
be due to two effects:
• CaC03 is relatively non porous and so its reaction with the HC1 gas takes place at 
the surface of each particle; in effect it reacts according to the shrinking core model 
(Chapter 5). The molar volume of CaCl2 is 1.5 times that of CaC03. Therefore, on 
completion of reaction, the volume of the reactant particle would increase by a 
maximum of 50 %. Assuming an overall conversion of 60 % it means that the 
particles in the present study have a maximum volume increase of 30 %. From this 
an equivalent particle diameter can be calculated to be over 10 % higher than the 
original CaC03 diameter. As the particle grows it forces the filter cake into a more 
open structure, increasing the voidage and therefore the pressure drop decreases 
across the filter cake with reaction. It is unlikely that the actual increase in particle 
diameter will ever be as high as 10 % but from the Carmem-Kozeny correlation it 
has been shown that a 1 % increase in voidage or a 2 % increase in particle diameter 
can account for the decrease in pressure encountered in Figure 8-x.
® The other mechanism via which the particle diameter can increase, hence increasing 
the voidage, is sintering. It can be seen when the batch filter cake of CaC03 was left 
for 30 minutes the differential pressure remained constant. This seems to suggest 
that calcination or sintering did not occur. Once the HC1 was introduced into the 
reactor the pressure drop across the filter cake started to decrease. This means that
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the structure of the filter cake changed as a consequence of CaC03 reacting to form 
CaCl2. Gang and Loffler (1993) reported that for the reaction of limestone and HC1, 
sintering occurred in an experiment at 773 K. If a small amount of sintering occurs 
then individual particles can coalesce to form larger agglomerates so that the 
particle diameter and voidage will increase. Sintering is a recognised mechanism for 
agglomerate formation; “powder metallurgy compacts are sintered to form a porous 
cake” (Perry and Green, 1987).
It was not possible to ascertain whether sintering had taken place by merely looking at 
the reacted filter cake because it took over 4 hours for the reactor to cool sufficiently 
before the filter could be removed; process air which was not 100 % dry was used to 
flush the system over this period and also it required about 20 minutes to extract the 
filter from the cooled reactor, during which the filter was exposed to atmospheric air, 
both these processes could introduce water into the filter cake and hence change its 
structure. A crude method to determine if sintering of CaCl2 occurred at the reaction 
temperature was realised by placing a small sample of powdered reagent grade CaCl2 in 
a shallow crucible and placed inside a furnace at 873 K. After 2 minutes it was taken 
out and quickly examined. It could be seen that there was a slight discolourisation and 
also the powder had coalesced into one large agglomerate which was mechanically 
hard. This suggests that small particulate CaCl2 does indeed sinter at 873 K ,
The pressure drops for the semi-batch and continuous runs are lower than the batch 
because they have particles of CaC03 /CaCl2 forming a filter cake whilst in the batch 
run the filter cake is made of small dense CaC03 particles.
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8.3 The Influence of Dust on Dry Scrubbing
Thus far only the dry scrubbing reaction and sorbent feeding strategies have been 
investigated. In a real hot filtration system the filters would be either the primary or 
secondary means of removing particulate matter from gas streams to environmental 
standards. So the presence of ‘process dust’ and its effect on dry scrubbing should be 
studied. For these experiments alumina silicate with a mass median diameter of 10 pm 
was used to simulate process dust. It was chosen because of its inertness to HC1 (it has 
the same composition as the ceramic coupon) and its size distribution was compatible 
with the Wright Dust Feeder. The size distribution of the dust, CaC03 and Ca(OH)2 
are shown in Figure 8-xi.
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Again CaC03 was used as the sorbent for these experiments and the procedure was the 
same as for continuous feeding apart from dust being introduced into the reactor 
simultaneously via another Wright Dust Feeder. Table 8-D lists the experimental 
conditions.
Experiment High Dust Loading Low Dust Loading
Temperature (K) 873 873
CaC03 and Dust Dosing Time (Min) 30 30
Filtration Velocity (m s'1) 0.11 0.11
HC1 Concentration (ppmv) 1200 1200
Ratio of CaC03 to HC1 gas 2.88 2.72
Mass of CaC03 used (g) 10.57 10.02
Mass of Dust used (g) 6.45 2.11
Concentration of Dust (mg m'3) STP 9500 3100
Utilisation of CaC03 (%) 49.9 45
Table 8-D: Experimental conditions.
Figure 8-xii shows the removal efficiencies for low dust and high dust loadings. It can 
be seen that the removal efficiency for low dust loading is similar to the run without 
any dust. The removal efficiency gradually increases as dust and sorbent are injected 
into the reactor. Once solids feeding is terminated the efficiency increases to a 
maximum before decreasing to zero when no more sorbent can react.
It seems that it is beneficial to have a higher dust loading when dry scrubbing because 
the initial removal efficiencies are higher. This may be due to the fact that the sorbent is 
more openly distributed within the thicker filter cake; Duo et al. (1993) predicted this 
effect. Although the conversion is slightly higher at 49.9 % compared to 45.7 % for 
low dust loading the margin of experimental error is such that they are for all intents 
and purposes the same. However it should be noted that the run without any dust at 
similar conditions had a sorbent conversion of 58.1 %, nearly 10 % higher than with 
dust in the system.
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Figure 8-xii: Comparison of HC1 removal efficiencies at different dust loadings.
Some interference to the reaction must be occurring with the introduction of dust. Two 
hypotheses were presented in the previous section to explain what happens when 
CaC03 reacts with HC1 gas: the growth of particles due to the change in molar volume 
and growth due to sintering. The first mechanism cannot interact with the dust to baulk 
the reaction, the latter though has possibilities. When particles sinter and coalesce, the 
surface area exposed to the reacting gas will be reduced. If a sintering particle adheres 
to inert dust particles then more of its reacting surface would be lost and therefore its 
overall degree of conversion would be lower. Figure 8-xiii shows a SEM photograph 
of a particle taken from the CaC03 with dust experiment. It is over 100 \Lm in size and 
so must be an agglomerate of some type.
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Figure 8-xiii: Scanning electron micrograph of an agglomerate.
When SEM micrographs of reacted Ca(OH)2 or C aC03 particles were taken, most of 
the particles were perfectly spherical and smooth. This was because the nascent CaCl2 
had absorbed water from the atmosphere . The above particle may have agglomerated 
outside the reactor by absorbing water, but its shape is rather irregular and so it may be 
a sintered agglomerate or its existence may be due to both these mechanisms.
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Figure 8-xiv: X-ray energy dispersive analysis.
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Figure 8-xiv shows an energy-dispersive X-ray (EDX) analysis on the circular spot on 
the right hand side of the particle. It can be seen that CaC^ is detected with trace 
amounts of alumina silicate. The gold peaks are background signals. This particular 
analysis system can only penetrate a few microns through the sample layer, so 
effectively only the surface of the particle was analysed and therefore CaCC>3 is unlikely 
to be detected. Figure 8-xv shows the EDX analysis on the square area at the left. It 
can be seen that as well as the CaCb, higher amounts of alumina silicate are detected. 
This means that the agglomerate consists of both dust and reacted sorbent particles.
cps
100—
8 0 -
6 0 -
40— CaAu
20-
Energy (keV)
Figure 8-xv: X-ray energy dispersive analysis.
Figure 8-xvi shows the pressure drop profile across the filter coupon for different dust 
loadings. As expected, higher dust loading gives rise to a higher pressure drop. It is 
interesting to note that even with the introduction of dust the differential pressure still 
decreases with the progression of the reaction, as seen earlier for reactions involving 
CaC03 sorbent species only (Figure 8-x).
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Figure 8-xvi: Comparison of pressure drop across the filter for different dust loadings.
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8.4 Model Results
8.4.1 Effect of Reaction Rate Constant and Product Layer Diffusion
The experimental results were compared to those generated by the grain model 
described in Chapter 5 where the two most important parameters were identified as the 
reaction rate constant (ks) and the coefficient of diffusion through the product layer 
(Ds). Figures 8-xviii and 8-xix show the influence of these parameters on the model 
results for the experiment with Ca(OH)2 at 500 K.
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Figure 8-xviii: Model results at 500 K: The influence of reaction rate constant 
It can be seen from Figure 8-xviii that the overall rate of this gas solid reaction is very 
sensitive to variations in ks. This agrees with the findings of Weinell et al. (1992) and 
Duo et al. (1993) that the overall reaction rate is controlled by chemical reaction and 
by diffusion through the product layer at lower temperatures. Figure 8-xix shows that 
changes of two orders of magnitude to the value of Ds has a similar effect on the model 
results as a slight variation of ks. Although the sensitivity of the overall reaction is 
greater when Ds is in the order of 10‘13 m V 1, from the reviewed data (Duo et al.,
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1993), it is quite unlikely that diffusion through a solid layer of CaCl2 would be less 
than 10"12 m V 1. So the range of interest lies above this value.
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Figure 8-xix: Model results at 500 K: The influence of product layer diffusion coeffiecent 
8.4.2 Modelling of Ca(OH)2 Experiments
Figures 8-xx and 8-xxi show the model results at 500 K and 575 K respectively. The 
reaction rate constant and product layer diffusion coefficient have been fitted to the 
experimental data to generate the model curves. It can be seen that Ds remained 
unchanged for both, whilst ks increased only slightly at the higher temperature. The 
values for both these parameters are within the ranges found in the literature (see 
Section 6.2.1).
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Figure 8-xx: Model results at 500 K.
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Figure 8-xxi: Model results at 575 K.
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Figure 8-xxii shows the results for the experiment at 650 K. The model overpredicts 
HC1 break-through at higher reaction times even when ks has been increased by an 
order of magnitude to fit the data. This discrepancy is probably due to Ca(OH)2 
dehydrating to form porous CaO. Hence the HC1 gas is reacting with both sorbent 
species, and so the input parameters in the model are not representative of the reaction, 
i.e. internal surface area, equilibrium constant, molar weights and volumes.
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Figure 8-xxii: Model results at 650 K.
8.4.3 Modelling of CaC03 Feeding Strategy Experiments
The results from the feeding strategy experiments are modelled in this section. Figures 
8-xxiii and 8-xxiv show how ks and Ds influence the simulated results. Although this 
reaction is also sensitive to the variation of ks; it can be seen that its influence is not as 
great as for the Ca(OH)2 system. Similarly the effects of Ds are not so pronounced. The 
best fitting values of ks and Ds were used to simulate the different feed strategies, and 
the results are shown in Figures 8-xxv, 8-xxvi and 8-xxvii.
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Figure 8-xxiii: The influence of reaction rate constant Continuous feed strategy using CaCC>3 at 873 K.
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Figure 8-xxiv: The influence of product layer diffusion coefficient Continuous feed strategy using
CaCC>3 at 873 K.
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Figure 8-xxvii: Simulated results for batch feeding of CaCC>3 .
Overall the simulated results are in good agreement with those measured from 
experiments. The value of Ds used corresponded to the value reported by Uchida et al. 
(1979) and the ks corresponded with the value reported by Peukert and Loffler (1993) 
at similar temperatures. This is a good indication that the results generated by the 
model are valid.
8.4.4 Modelling of Experiments where Dust was Introduced
Figure 8-xxviii shows the measured and predicted results for the experiments where 
different loadings of dust were introduced to the scrubbing system. The model 
parameters from the above section were used (ks = 6.0 x 10'3, Ds = 2 x 10'8 at 873 K) 
since the actual reaction was the same. It can be seen that for low dust loading 
(3100 mg m '3) the model gives a good prediction, but at the higher dust loading 
(9500 mg m '3) it over-predicts the HC1 breakthrough.
The model treats the addition of dust as a method of increasing the dispersion of the 
sorbent particles within a thick filter cake. So the gas-solid contact time is higher than
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when no dust is present and hence the conversion of acid gas is also higher. This is 
evident in Figure 8-xxviii, but the measured breakthrough concentrations are much 
lower than predicted. This may be due to the dust having a more pronounced effect on 
the filter cake structure than anticipated. If the resulting filter cake was thicker and 
more porous, then this can account for the discrepancy.
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Figure 8-xxviii: Simulated results for the addition of dust to continuous feeding of CaCC>3 .
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8.5 Conclusions
A high temperature dry scrubbing test rig has been built to investigate the utilisation of 
dry sorbents in filter cakes deposited on ceramic filters. It can operate over a wide 
range of acid gas concentrations, sorbent ratios, dust loadings, temperatures up to over 
1000 K and is chemically inert to acid gases.
The rate of reaction between HC1 and Ca(OH)2 in the range 500 K to 650 K increases 
with increasing temperature. At 650 K the reaction is further enhanced by the 
dehydration of Ca(OH)2 to produce highly porous CaO which in turn reacts with the 
HC1 gas. The pressure drop across the filter cakes in these experiments increased as the 
sorbent reacted with the HC1 to completion. This is possibly due to the solid solution 
products of CaCl2*2H20  and CaClOH affecting the filter cake structure.
For the feeding strategy experiments using CaC03 at 873 K, the final conversion of the 
sorbent does not depend on the strategy used. However batch and semi-batch injection 
are seen to be better alternatives to continuous sorbent injection because they have 
lower initial break-through values for the HC1 gas. The pressure drop across the 
resultant filter cakes from these experiments decreased as the sorbents reacted with the 
HC1 to completion. This is either due to the growth of the sorbent particles (as nascent 
CaCl2 is formed which has a higher molecular volume than the CaC03), or to the 
sintering of reacted CaCl2; both of these possible mechanisms increase the overall 
sorbent diameter and hence the pressure drop decreases.
With the introduction of inert process dust into the dry scrubbing system it can be seen 
that a higher dust loading is advantageous because of a higher initial HC1 removal 
efficiency. However the overall conversion of the sorbent is less than when no dust was 
present. This is attributed to CaCl2 sintering and coalescing with dust particles which 
means a reduction in the surface area exposed to the HC1 gas. The pressure drop 
across the resulting filter cake also decreased as the sorbent reacted with HC1 to
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completion. SEM and EDX analysis showed that particles taken from the filter cake are 
agglomerates of dust and reacted sorbent particles.
A grain model developed by Duo et al. (1993) has been used to model the experimental
results. It can simulate the reactions between Ca(OH)2 and CaC03 with HC1 at
different temperatures, regardless of how the sorbent is injected into the filter system. 
The fitted parameters for the reaction between Ca(OH)2 and HC1 are as follows: 
ks = 4.5 x 10-4, Ds = 2 x 1012 at 500 K, 
ks = 5.0 x 1CT4, Ds = 2 x 1012 at 575 K.
For CaCC>3 with HC1:
ks = 6.0 x 10'3, Ds = 2 x 10'8 at 873 K.
All of the above values correspond well with those found in literature.
8.6 Recommendations
This project has provided some basic insight into the topic of dry scrubbing via sorbent 
injection. It has also provided unique and unforeseen pressure drop data on reacting 
filter cakes. More significantly, a dry scrubbing test rig is now available for further 
investigations which can help in the overall understanding of this subject. The following 
work is recommended to achieve this:
• different molar ratios of sorbents should be used to achieve a scrubbing efficiency 
within the legislative limits,
• the influence of water and carbon dioxide on the dry scrubbing reaction should be 
investigated because these species are common in most flue gases, and they can 
affect the equilibrium of the scrubbing reaction,
• and more resources should be spent on the characteristics of the reacted particles 
and in particular the resulting filter cakes because they can affect the overall 
operation of the filtration system.
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Appendix A
Quick Basic Equipment Control & Data Acquisition Program, 
written by C. K. Cheung 
co-starring I. R. Zone.
DECLARE SUB SetAd (channel%, value!)
DECLARE FUNCTION ReadAD! (ad%, channel%)
DECLARE SUB SetScreen ()
DECLARE SUB SavePressureData ()
DECLARE SUB SetUp ()
DECLARE SUB valve (a%,b%)
DECLARE SUB Valvel (a%)
COMMON SHARED ref!, cardbase%
COMMON SHARED savedata, pressure!, lastsave!, dpfile, dpfilesave, pressureA!, pressureB!, pressureC!, pressureD! 
COMMON SHARED pressuresaved3, pressuresaved6, pressuresaved9 
COMMON SHARED flowset!
DIM SHARED valvestate%(12), values !(numads%)
DIM SHARED offset!(0 TO 15)
DATA-.2,-.2,.2,.5,-1.4
READ offset!(8), offset!(9), offset!(10), offset!(l 1), offset!(12)
SetUp
SetScreen 
savedata = 0
a$ =""
WHILE a$ o ""
'slow the display down a bit
'now = TIMER: WHILE TIMER < now + .25: WEND 
COLOR 6: LOCATE 23,70: PRINT TIMES;
' get a key if there is one 
aS = INKEYS 
COLOR 7
' read the cold junction temp 
CJ! = ReadAD(7, 1)
LOCATE 3, 14
PRINT USING "###.#”; CJ!
ref! = a !  * .04095
' read the thermocouples 
FOR i% = 8 TO 12
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LOCATE i% - 4, 14
PRINT USING "####.#"; ReadAD(l, Wo)
NEXT Wo
' read the pressure data 
LOCATE 5, 50 
pressure! = ReadAD(0,15)
PRINT USING "###.###"; pressure!
LOCATE 12,52 
pressure A! = ReadAD!(l, 2)
PRINT USING "#.### pressureA!; "Bar (HF)"
LOCATE 13, 52 
pressureB! = ReadAD!(l, 3)
PRINT USING "#.### pressureB!; "Bar (LF)"
LOCATE 14,50 
pressureC! = Read AD! (0,11)
PRINT USING "###.### pressureC!; "cc/min (Sample)"
LOCATE 15,52 
pressureD! = ReadAD!(0,13)
PRINT USING "#.### pressureD!; "Bar (Upstream)"
IF savedata = 1 THEN 
SavePressureData
END IF
flowrate! = ReadAD(0,14)
LOCATE 7,50
PRINT USING "#.####"; flowrate!
'change valve positions if required 
SELECT CASE aS 
CASE "1"
CALL Valvel (1)
CASE "2"
CALL Valve 1(2)
CASE "3”
CALL Valve 1(3)
CASE "4"
CALL Valve 1(4)
CASE "5"
CALL Valvel(5)
CASE "6"
CALL Valvel(6)
CASE "7"
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CALL Valve 1(7)
CASE "g" 
savedata = 1 
dpfilesave = 0 
CALLvalve(2, 1)
CALLvalve(l, 1) 
lastsave! = TIMER 
CASE "s”
CLOSE #dpfile 
savedata = 0 
CALL valve(7,0)
CALL valve(2,0)
CALL valve(l, 0)
CASE "=" 
flowset! = flowset + .2 
IF flowset! > 5 THEN flowset! = 5 
CALL SetAd(l, flowset!)
LOCATE 8,55
PRINT USING "& #.##"; "valve a tflo w se t!  
CASE 
flowset! = flowset - .2 
IF flowset! < 0 THEN flowset! = 0 
CALL SetAd(l, flowset!)
LOCATE 8,55
PRINT USING "& #.##"; "valve a tflo w se t!  
END SELECT
WEND
CLOSE #dpfile
FOR i% = 1 TO 7 
CALL valve(i%, 0)
NEXT i%
FUNCTION ReadAD! (ad%, channel%)
' set MUX channel
OUT cardbase% + 3, channel%
.' short delay to give board time to get ready 
FOR i = 1 TO 100: NEXT i
'set A/D channel
OUT cardbase% + 2, ad% * 16 + ad%
' short delay to give board time to get ready 
FOR i = 1 TO 100: NEXT i
'request A/D conversion on current channel 
OUT cardbase%, 255
' short delay to give board time to do sample 
FOR i = 1 TO 100: NEXT i
' now get the values 
d& = INP(cardbase%) ’LSB 
e& = INP(cardbase% + 1) ’MSB
d& = d& + e& * 256 'combine bits
d& = d & -32768
IF ad% = 1 THEN 
IF channel% >= 8 THEN 
'thermocouples
ADvalue! = ((d& /32768! * 5 )/1 0 0 *  1000 + ref!)/.04095+ offset!(channel%) + 273.15 
ELSEIF channel% = 2 THEN 
’ input A
ADvalue! = ((d& / 32768! * 5) - .03)
ADvalue!-ADvalue! * .1 
ELSEIF channel% = 3 THEN 
'input B
ADvalue! = ((d& /32768! * 5 )-.0 8 )
ADvalue! = ADvalue! * .1 
END IF
ELSEIF ad% = 7 THEN 
' cj thermocouple
ADvalue! = d& / 32768! * 5 * 45.203 
ELSEIF channel% = 11 THEN 
' input C
ADvalue! = (d& /  32768! * 5) -1  
ADvalue! = ADvalue!
ADvalue! = 15.483 * ADvalue! A 5 - 152.09 * ADvalue! A 4 + 543.63 * ADvalue! A 3 - 787.66 * ADvalue! A 2 + 472.69 * 
ADvalue!
ELSEIF channel% = 14 THEN 
' mfc
ADvalue! = d & /32768!* 5 
ADvalue! = ADvalue! * .08 
ELSEIF channel% = 13 THEN 
’ upstreamp 
ADvalue! = (d& / 32768! * 5) - .995 
ADvalue! = 3 * ADvalue! /  15 
ELSEIF channel% = 15 THEN 
' pressure 
ADvalue! = d & /32768! *5  
ADvalue! = (ADvalue! -1.0155)/ 4 * 100 
END IF
Read AD! = ADvalue!
IF ad% < 2 AND monitor% = 1 THEN 
LOCATE channel % + 1, ad% * 20 + 1
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PRINT ADvalue!
END IF
END FUNCTION
SUB SavePressureData
'IF TIMER > lastsave! + 20 THEN 
' IF dpfilesave = 1 THEN 
' dpfilesave = 0 
' ELSE
dpfilesave =1 
' END IF
' lastsave! = TIMER 
' pressuresaved3 = 0 
' pressuresaved6 = 0 
' pressuresaved9 = 0 
' CALL Valvel(7)
■END IF
'IF (TIMER > lastsave! + 11) AND (pressuresaved3 = 0) THEN 
' pressuresaved3 = 1 
' IF dpfilesave = 1 THEN 
’ PRINT #dpfile, TIMES, pressure!
' ELSE
’ PRINT #absfile, TIMES, pressure!
' END IF 
'END IF
'IF (TIMER > lastsave! + 15) AND (pressuresaved6 = 0) THEN 
' pressuresaved6 = 1 
' IF dpfilesave = 1 THEN 
' PRINT #dpfile, TIMES, pressure!
' ELSE
PRINT #absfile, TIMES, pressure!
' END IF 
END IF
IF (TIMER > lastsave! + 19) AND (pressuresaved9 = 0) THEN 
pressuresaved9 = 1 
IF dpfilesave = 1 THEN 
PRINT #dpfile, TIMES, pressure!
ELSE
PRINT #absfile, TIMES, pressure!
END IF 
END IF
IF TIMER > lastsave! + 30 THEN
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lastsave! = TIMER
PRINT #dpfile, TIMES,
PRINT #dpfile, USING "####.### pressure!; pressureA!; pressureB!; pressureC!; pressureD!; ReadAD(l, 8); ReadAD(l, 9); 
ReadAD(l, 10); ReadAD(l, 11); ReadAD(l, 12)
END IF
END SUB
SUB SetAd (channel%, value!)
lowbit% = (255 AND (value! /  5 * 4095)) * 16 
highbit% = (value! /  5 * 4095) /  16 
IF (value! >4.99) THEN 
lowbit% = 240 
highbit% = 255 
END IF
OUT cardbase% + 4 + channel% * 2, lowbit%
' short delay to give board time to get ready 
. FOR i = 1 TO 100: NEXT i
OUT cardbase% + 5 + channel% * 2, highbit% 
' short delay to give board time to get ready 
FOR i = 1 TO 100: NEXT i
END SUB 
SUB SetScreen 
CLS
COLOR 4: LOCATE 1,30: PRINT "Hot Gas Rig"
COLOR 7: LOCATE 22,10: PRINT "[SPACE] to finish, g to gather data, s to stop" 
COLOR 7: LOCATE 24,10: PRINT to up MFC, = to down MFC, 1-7 to change valves"
LOCATE 3 ,2
PRINT USING "Ambient = C";
FOR i% = 8 TO 12 
LOCATE i% -4, 2
PRINT USING "&##&"; "Thermo "; i%;" = K";
NEXT i%
LOCATE 5,40
PRINT "Pressure (mB)"
LOCATE 7, 40
PRINT "Flow rate (1/min)"
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LOCATE 8, 55
PRINT USING "& #.## "valve a tR ow set!; "V"
COLOR 7 
LOCATE 11,1
PRINT "CL 1 - Air Hi flow (1)"
LOCATE 12,1
PRINT "CL 2 - Air Lo flow (2)"
LOCATE 13, 1
PRINT "CL 3 -Air Vent (3)"
LOCATE 14,1
PRINT "CL 4 - Right Sample (4)"
LOCATE 15,1
PRINT "CH 1 - Left Sample (5)"
LOCATE 16,1
PRINT "CH 2 - HC1 feed (6)"
LOCATE 17,1
PRINT "CH 3 - DP/Absolute (7)"
FOR i% = 1 TO 7 
CALL valve(i%, 0)
NEXT i%
END SUB
SUB SetUp
' initialise board 
cardbase% = &H380
' tell the board the gain 
OUT cardbase% + 11,1 
' set board for output mode 
OUT cardbase% + &H403,128
FOR i% = 1 TO 7 
CALL valve(i%, 0)
NEXT i%
CLS
dpfile =  1
PRINT "Input file name"
INPUT infilenameS 
infilenameS = infilenameS + ".txt"
OPEN infilenameS FOR OUTPUT AS #dpfile
PRINT #dpfile," time dp hf " If " sample";" upstream";" t8"; ” t9"; ” tlO”; ” til";"
tl2"
'initial value for mass flow controller set point 
flowset! = 0
END SUB
SUB valve (number%, position%)
COLOR 4
' call the board to set the output 
1 and update the display 
LOCATE number% + 10, 23 
IF position^ = 0 THEN 
valvestate%(number%) = 0 
COLOR 4 
PRINT "SHUT” 
value% = 0 
FOR i = 1 TO 8 
value% = value% + valvestate%(i) * 2 A (i -1)
NEXTi
OUT cardbase% + &H402, value%
ELSE
valvestate%(number%) = 1 
COLOR 2 
PRINT "OPEN" 
value% = 0 
FOR i = 1 TO 8 
value% = value% + valvestate%(i) * 2 A (i -1)
NEXTi
OUT cardbase% + &H402, value%
END IF
END SUB
SUB Valvel (number^)
IF valvestate%(number%) = 0 THEN 
CALL valve(number%, 1)
ELSE
CALL valve(number%, 0)
END IF
END SUB
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Appendix B: List of Equipment Suppliers
Equipment Suppliers
Mettler Toledo 350 pH Meter
Mettler Toledo InLab 415 pH Electrode
Mettler Toledo Double Junction Reference 
Electrode
ELIT Solid State Chloride Ion Selective 
Electrode
Patterson Scientific Ltd.,
Unit 21 Apex Business Centre, 
Boscombe Road,
Dunstable,
Beds. LU5 4 UB.
01582 561888
Teflon Tubing 
Plastic Lab Containers
Techmate Ltd.,
10 Bridgetum Avenue,
Old Wolverton,
Milton Keynes MK12 5QL.
01908322222
Pressure Gauges and Filter-Regulators Norgren Martonair Ltd., 
Famham Trading Estate, 
Guildford Road, 
Famham GU9 9NZ.
01252 723232
Rotameters Platon Flowbits Ltd., 
Platon Park, Viables, 
Basingstoke,
Hants. RG22 4BS.
01256 460122
Hydrogen Gas and related Regulators BOC Special Gases, 
24 Deer Park Road, 
London SW19 3 UF.
0181 543 7070
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Equipment ;SnppB erscS '£ '- '''
In-line Gas Filters Whatman Int. Ltd., 
St. Leonard’s Road, 
Kent ME 16 OLS.
01622 682288
Mass Flow Controller for HC1 Gas Rosemount Ltd.,
Horsfield Way,
Bradbury Industrial Estate, 
Stockport SK6 2SO.
0161 430 7100
Type K Thermocouples, mineral insulated 
with Inconel 600 sheath.
Nulectohms Ltd., 
Meppershall,
Shefford, Beds. SGI7 5LX. 
01462 813000
Wright Dust Feeders L. Adam Ltd., 
Minerva Road, 
London NW10 6HS
0181 965 5046
Rubber Gasket Material James Walker & Co. Ltd., 
Gote Brow,
Cockermouth,
Cumbria CA B 0NH.
0900 823555
Foxboro 843DP Differential Pressure 
Transmitter
FoxboroGB Ltd.,
Manor Royal,
Crawley,
West Sussex RH10 2SJ. 
01293 406526
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Equipment
Computer Boards
DAS 1602 and MUX32 Expansion
Talisman Electronics, 
PO Box 26, 
Pangboume,
Reading RG8 8TL.
01491 671914
Fibrothal Half Shell Furnace Pieces Kanthal Ltd., 
Woodlands, 
Festival Way, 
Stoke-On-Trent, 
Staffs. ST-1 5SG.
01782 219600
Quartz Reactor Heraeus Silica & Metals, 
1 Craven Court,
Canada Road,
Byfleet,
Surrey KT14 7JL.
01932 349315
Solenoid Valves Kings wood Controls Ltd., 
278 Woodham Lane,
New Haw Village, 
Weybridge KT15 3NT.
01932 336160P
Pipe Fittings South London Valves & Fittings Co. Ltd., 
Regent Business Centre,
Jubilee Road,
Burgess Hill,
West Sussex RH15 9TL.
0144 248048
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Equipment Suppliers
West 6100 Controller Tempcon Instrumentation Ltd., 
Holmdale Industrial Estate, 
Fontwell Avenue,
Eastergate,
Chichester,
West Sussex
01243 543711
Mass Flow Meter 
Pressure Transducers
RS Components, 
POBox99,
Corby,
Northants NN17 9RS. 
0181 360 8600
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